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Abstract

Hydrogen is an attractive energy carrier that will play a key role in future global energy transitions. This
work investigates the techno-economic performance of six different sorption enhanced steam methane
reforming (SE-SMR) configurations integrated with an indirect natural gas or biomass-fired calciner, oxy-
fuel combustion and chemical-looping combustion for large-scale blue and carbon-negative hydrogen
production. The techno-economic performance of the proposed cases were evaluated by their net efficiency,
CO: capture efficiency, levelised cost of hydrogen (LCOH), and costs of CO; avoided and removal. A
sensitivity analysis was also conducted to evaluate the key parameters and explore existing uncertainties
that can affect the economic performance of the proposed SE-SMR processes. The results revealed that the
proposed systems were comparable with conventional steam methane reforming (SMR) with carbon
capture and storage (CCS). The LCOH of the proposed SE-SMR plants ranged from £1.90-2.80/kg, and the
costs of CO; avoided and removal ranged from £33-69/tonne and £58-107/tonne, respectively. By applying
a carbon price (£16/tonne COy), the costs of CO; avoided and removal for the proposed SE-SMR processes
could be significantly reduced. The results of cumulative discounted cash flow of SE-SMR plants at a
hydrogen selling price of £3.00/kg indicated that all the investment of the proposed cases could be paid

back after eight years, even if the carbon tax is zero.
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Highlights

e The economics of retrofitted sorption enhanced steam methane reforming is investigated.
e The levelised cost of H, ranges from £1.90-2.80/kg.

e The cost of CO; avoided ranges from £33-69/tonne CO».

e The results provide flexible options for blue and carbon-negative H» production.

Abbreviations

ATR+GHR Autothermal reforming with gas heated reformer
AR Air reactor

ASU Air separation unit

CCA Cost of CO; avoided

CCR Cost of CO; removal

CCS Carbon capture and storage

CEPCI Chemical engineering plant cost index
CF Capacity factor

CLC Chemical-looping combustion

CLR Chemical-looping reforming

FC Fuel costs

FCF Fixed charge factor

FOM Fixed operating and maintenance costs
FR Fuel reactor
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HR Heat rate

HRSG Heat recovery steam generator
LCOH Levelised cost of hydrogen

LHV Lower heating value

MDEA Methyldiethanolamine

MEA Monoethanolamine

NCF, Net cash flow in year n

NPV Net present value

PSA Pressure swing adsorption
PSAOG Pressure swing adsorption off gas
SMR Steam methane reforming
SE-SMR Sorption enhanced steam methane reforming
TDCC Total direct capital cost

TEA Triethanolamine

TRL Technology readiness level

TOC Total overnight capital costs

VOM Variable operating and maintenance costs



1. Introduction

Hydrogen is a versatile feedstock that is widely used in oil refining, ammonia synthesis and the production
of many other chemicals. Using low-carbon hydrogen as an energy carrier is attracting increasing attention
due to its potential to replace carbon-intensive fossil fuels, which enables end-users to solve critical
decarbonisation related issues in the transport, residential, and power sectors. Globally, approximately 70
Mt of dedicated hydrogen was produced in 2019, 76% from natural gas, 23% from coal and the rest from
oil and electricity, which resulted in the emission of approx. 830 Mt CO; (2.6% of global CO, emissions in
2019)[1]. Looking at the annual CO; emissions from hydrogen production in 2014 (550 Mt), it has increased
by 51% points in 2019. Moreover, if hydrogen is mainly produced from natural gas and coal without
employing carbon capture and storage (CCS) technologies, then CO, emissions from hydrogen production
will increase significantly with the rapid growth rate of H, demand. Despite efforts to drive down the costs
of green hydrogen production by solar, wind and biomass energy, natural gas reforming remains the most
economic pathway for large-scale hydrogen production in the foreseeable future. Therefore, there is an
urgent need to develop low-carbon hydrogen production technologies that enable us to use hydrogen in the
energy transition while achieving the 2 °C Paris Agreement goal and mitigating further climate change.
To reduce the CO; emissions of hydrogen production by Steam Methane Reforming (SMR), Autothermal
Reforming (ATR) with gas heated reformer (GHR), coal and biomass gasification, different options such
as adsorption, absorption, membranes and cryogenic separation can be adopted. Detailed reviews of
different hydrogen production technologies integrated with CO, capture are available in the literature [2—
5]. Among them, one novel and promising technology is sorption enhanced steam methane reforming (SE-
SMR), which can produce low-carbon and high purity H» through an in-situ CO; capture process where the
hydrocarbon fuel is reacted with steam in the presence of a CO;sorbent and a reforming catalyst. Compared
to the current available SMR technologies with aqueous solutions of amines such as MEA, TEA and MDEA
for decarbonised hydrogen production, the SE-SMR approach has the advantages of high yields of H», high
conversion of methane, low reforming temperature, without the requirement of multiple shift reactors and
subsequent purification steps. Recently, extensive research has been carried out to develop high-
performance CO, sorbents for multiple SE-SMR/regeneration cycles [6—12], and to investigate the
thermodynamic performance of different integrations of SE-SMR process for hydrogen production [13—
18]. The main drawback of the SE-SMR technology is that to produce the calcination heat demand without
emitting CO; to the atmosphere requires energy-intensive processes like oxy-fuel combustion or the use of
an indirectly heated calciner.

To reduce the energy penalties and CO: emissions from the regeneration of CO> sorbent during the SE-

SMR process, different integrations have been proposed for decarbonised and high-purity hydrogen
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production. Ochoa-Fernandez et al. [13] investigated the process simulation performance of SE-SMR
integrated with oxy-fuel combustion with CaO and other novel CO; acceptors (Li2ZrOs, K-doped Li>ZrOs,
Na,ZrOs and LiSiOy). Their results indicated that the use of CaO as the CO, acceptor integrated with oxy-
fuel combustion had better performance in terms of net efficiency, CO, capture efficiency, and required
smaller pressure swing adsorption (PSA) unit for hydrogen purification compared to that of SMR with
MEA. Abanades et al. [16] proposed the integrated Ca-Cu looping process for hydrogen production, which
utilised the heat of reduction of CuO with a fuel gas for calcination of CaCOs. Later on, this concept was
further investigated by means of experiments and process simulations[19-21].

Besides applying the oxy-fuel combustion and Ca-Cu looping for calcination of CaCOs, indirectly heated
calcination process through the use of heat pipes and heat transfer walls has been intensively investigated
[22-24] and successfully demonstrated with a 300 kWth carbonate looping pilot. Zhu et al. [14] proposed
a novel SE-SMR process thermally coupled with chemical-looping combustion (CLC) to supply the
necessary heat for calcination of CaCOs. The results of thermodynamic analysis showed that the overall
exergy efficiency of SE-SMR integrated with CLC increased by 14.39% points compared to SMR without
CCS. Yan et al. [18] evaluated the process performance of different SE-SMR configurations, which
consisted of process integrations with PSA, CLC, oxy-fuel combustion or H»-fired calciner, and their results
indicated that the upgraded SE-SMR processes could provide flexible options for low-carbon hydrogen
production based on the costs and demand of CO; reduction.

Although, different SE-SMR configurations have given promising results in experimental investigations
and by thermodynamic analysis, there is a limited work on economic assessment to fully understand the
potential of SE-SMR at large scales. Diglio et al. conducted a techno-economic assessment of SE-SMR in
a fixed bed reactor network integrated with fuel cells and calculated the cost of CO, avoided was £33.43/kg
CO,, which was lower than that of SMR with CO, capture and chemical-looping reforming (CLR).
However, there is no further published work on the economic performance of SE-SMR or SE-SMR
integrated with other process options to achieve near-zero and negative CO: emissions (oxy-fuel
combustion, chemical-looping combustion or biomass-fired calciner).

A series of studies have been conducted to evaluate the economic performance of current and emerging
technologies for low-carbon hydrogen production such as SMR with amine scrubbing [25], SMR with CLC
[26], ATR with CCS [26], CLR [25-27], membrane assisted fluidised-bed reactors [28] and gas switching
reforming [29], and the levelised cost of hydrogen (LCOH) of these technologies was reported to be in the
range of £1.42-2.84/kg H,. To compare the economic performance of SE-SMR with the above low-carbon
hydrogen production technologies and promote the scale-up of the SE-SMR technology, techno-economic

assessments of various SE-SMR configurations for hydrogen production are required.



The objectives of this study are to evaluate the techno-economic feasibility of the SE-SMR process
integrated with oxy-fuel combustion, chemical-looping combustion and biomass-fired calciner for low-
carbon (blue) and carbon-negative hydrogen production. The operating and economic performance of the
proposed cases is evaluated in terms of the net efficiency, CO; capture efficiency, LCOH, CO;avoided and
removal cost, and is compared with that of SMR and CLR with CCS. Besides, a detailed sensitivity analysis
is performed to explore the influence of uncertainty in the input variables on the key economic performance

indicators.

2. Methodology

2.1. Process description of different SE-SMR configurations

In our previous work [18], we have investigated the thermodynamic performance and operating window of
six upgraded SE-SMR processes for blue hydrogen production: 1) SE-SMR with an air fired calciner, 2)
SE-SMR with a Pressure Swing Adsorption (PSA) unit, 3) SE-SMR thermally coupled with Chemical-
Looping Combustion (CLC), 4) SE-SMR+PSA+CLC, 5) SE-SMR+PSA with an oxy-fired calciner, 6) SE-
SMR+PSA with an indirect H, -fired calciner. Only natural gas was used as a feedstock in the previous
process simulations. Within this paper, we investigate the economic performance of the proposed SE-SMR
processes and calculate the impact of switching fuel supplies from natural gas to biomass. Hence, the

following SE-SMR configurations are studied in this manuscript.
1) Case 1A: SE-SMR with the indirect air-natural gas combustion calciner
2) Case 1B: SE-SMR with the indirect air-biomass combustion calciner
3) Case 2A: SE-SMR with the indirect oxy-natural gas combustion calciner
4) Case 2B: SE-SMR with the indirect oxy-biomass combustion calciner
5) Case 3A: SE-SMR with the indirect chemical-looping combustion of natural gas calciner
6) Case 3B: SE-SMR with the indirect chemical-looping combustion of biomass calciner

Figure 1 illustrates the process for Case 1A and Case 1B. The natural gas feed to the reformer is compressed
to 25 bar by the fuel compressor and preheated by the heat from the CO- enriched gas from the calciner.
Here, the feed water is supplied by a high-pressure pump goes through two heat exchangers heated by the
hot syngas after the reformer and the flue gas from the air-fired combustor to produce the high-temperature
steam. Then the mixture of natural gas, steam and CaO sorbent enters the fluidised bed reformer. The
reformer in the SE-SMR process is operated as a joint carbonator and reformer, which can realise in-situ
CO; capture in the presence of CaO or other CO» sorbents. The in-situ CO- capture in the reformer shifts

the reforming and water-gas shift reaction in the direction of increasing hydrogen production based on Le
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Chatelier’s principle. The total SE-SMR reaction can be simplified as shown by Eq. (1). The reformer in
the SE-SMR process is typically operated in the temperature range of 550 to 650 °C and elevated pressure
(~25 bar) to reduce the energy penalty of H, compression. The cooled syngas after the reformer is sent to
the PSA unit to recover the H, product and the off-gas which contains CHy, CO, CO», H, and HO is sent
to the air-fired burner to reduce the additional fuel requirement. The calciner is operated at ambient pressure
and indirectly heated by the combustion of natural gas and PSA off-gas with air. The air and fuel inlet of
the burner are preheated by the remaining heat of the flue gas and CO. product gas, respectively. The used
sorbent is transported from the high-pressure reformer to the calciner via a depressurised lock hopper and
the regenerated sorbent carried by the steam or CO; is returned to the reformer through the pressurised lock
hopper. Finally, the cooled CO; from the calciner is compressed to 110 bar and cooled to room temperature
in the form of a dense liquid suitable for transportation and storage. For the Case 1B, woody biomass
together with the PSA off-gas is used as the fuel for the air-fired burner to provide the heat for the sorbent
regeneration and steam generation. A gas cleaning unit, which consists of limestone flue gas
desulphurisation (FGD) and selective catalytic reduction (SCR), is installed after the biomass combustor to

remove the SOy and NOxy in the flue gas.
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Figure 1 Simplified process flow diagram of Case 1A and B



CH4 + 2H,0 + CaO < CaCOjz + 4H, Equation (1)
To avoid the CO; emissions from the indirectly air-fired calciner, an oxy-fuel burner has been coupled to
the calciner to facilitate CO, separation by providing the heat for sorbent regeneration and steam generation
in Cases 2A and 2B as Figure 2 shown. Compared to the use of a direct oxy-fired calciner, the indirect
oxy-fuel burner has the major advantage of providing an almost pure CO> stream from the calciner, which
minimises the energy for CO; purification, and reduces sorbent make-up flow due to minimal impurities in
the gas stream. To avoid superheated regions in the oxy-fuel burner, oxygen produced by the Air Separation
Unit (ASU) is always mixed with the recirculated flue gas. Here, only a small amount of the CO; enriched
gas needs to be purified by the gas cleaning unit and then combined with the CO, stream from the calciner

for compression and storage.
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Figure 2 Simplified process flow diagram of Case 2A & B

Another novel configuration for SE-SMR is thermally coupled chemical-looping combustion (CLC) for

blue hydrogen production, which has been shown to be more efficient than SMR with CCS and SE-SMR

with oxy-fuel combustion [14]. In the Case 3A and 3B (described in Figure 3), chemical-looping

combustion of natural gas and biomass with PSA off-gas is employed to provide the necessary heat for SE-
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SMR, simultaneously realising inherent separation of CO» without addition energy consumed. Iron oxide
supported with Al,O3 (15 wt %) and SiO2 (15 wt %) was selected as the oxygen carrier of the CLC process
due to its low-cost and its acceptable albeit moderate reactivity with fuels [18]. In the air reactor, the
exothermic process in the oxidation of Fe;O4 by air (Eq. (2)) provides enough heat to the calciner via heat
pipe exchangers. The heat from the depleted air is extracted for steam generation and preheating the air
inlet. The oxidised oxygen carriers (FeoO3) are transported from the air reactor to react with natural gas
(Case 3A) or biomass (Case 3B) and PSA off-gas in the fuel reactor, the resulting emissions consist of only
CO; and steam. The reactions in fuel reactor for Case 3A is described by Eq. (3) to (5). For Case 3B,
chemical-looping combustion of biomass is a very complex process, it involves fuel devolatilisation (Eq.
(6)) and char gasification (Eq. (7) and (8)) and their gaseous products react with the oxygen carriers as
shown in Eq. (3) to (§). The CO> enriched stream after the fuel reactor is combined with the CO, stream
from the calciner, and the heat is used to preheat the fuel feed. After that, the CO, stream is purified and

condensed for compression.

0, + 4Fe30, — 6Fe,0;3 Equation (2)
CH, + 12Fe,0; — CO, + 2H,0 + 8Fe30, Equation (3)
H, + 3Fe,0;3 —» H,0 + 2Fe30, Equation (4)
CO + 3Fe,03 — CO, + 2Fe30, Equation (5)
Biomass (M Volatiles + C Equation (6)
C+ CO, - 2CO0 Equation (7)
C+ H,0->CO+ H, Equation (8)

2.2. Process modelling

The process modelling and mass-energy balance calculations used for the techno-economic analysis were
performed by Aspen Plus V10. Table 1 shows the main parameters and assumptions used for the process
simulation. Natural gas (see Table 2Table 1 for its composition) was used as a feedstock for the reformer
for all cases. Only in Case 1B, 2B and 3B, the biomass is employed as the fuel to provide the heat of
calcination for sorbent and steam generation. The proximate and ultimate analyses of the woody biomass
used in this work are shown in Table 3, which is reported in [30]. The SRK (Soave—Redlich—-Kwong)
equation of state, which has shown good performance in simulations of hydrocarbon processing [31], was
used for the process simulation of all cases. The mass flow rate of H, product for all cases is set to 19.5
tonnes/h, equivalent to 650 MWy, based on the lower heating value of H,. The SE-SMR H, production
plants are assumed to be located in Tees Valley, UK. A detailed Aspen Plus process flowsheet of each case

with the values of mass flow rate, heat and work are shown in Supplementary materials.



The SE-SMR process was simulated in Aspen Plus under steady-state equilibrium conditions. The RGibbs
block, which calculates the chemical and phase equilibrium by minimising the Gibbs free energy of all
components to achieve equilibrium, was used to model the reformer, calciner and combustor. To separate
the solid phase from the gas phase, Sep model with 100% separation efficiency was used to simulate the
cyclone of reformer and calciner. The calciner was operated at ambient pressure and the reformer was
operated at 25 bar. It requires a depressurised lock hopper after the cyclone of reformer and a pressurised
locker hopper after the cyclone of calciner to ensure the sorbent transported between the reformer and
calciner under practical conditions. The pressures reported in this work are expressed as absolute pressure.
According to experimental investigations [9,10], it is reasonable to estimate that the average carbonation
conversion of CaO sorbent under this SE-SMR conditions can achieve 50%, which can be maintained by

ensuring an effective make-up flow of the sorbent/composite particles.
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Figure 3 Simplified process flow diagram of Case 3A and B
The natural gas feed to the reformer is adjusted to ensure the mass flow rate of H» product is 19.5 tonnes/h
for all cases with the S/C=5. The pure hydrogen is recovered from the water-condensed H» enriched gas
using a pressure swing adsorption (PSA) unit with 95% recovery efficiency [32], which was stimulated by

the Sep model in Aspen Plus. The inlet pressure of condensed H» enriched gas to the PSA unit is maintained

10



over 25 bar, which is the common operating pressure for PSA. Then, the pressurised H» product at room
temperature can be stored or distributed. The off-gas from the PSA unit, which contains H», CO, and CHa,

can be burned with natural gas or biomass to help meet the calciner heat duty.

The MHeatX model was selected to simulate the heat exchangers and heat recovery steam generator
(HRSG) for all the cases. The goal of heat exchanger networks design is to obtain the maximum heat
recovery with the minimum number of heat exchangers. The steam generator was simulated with multiple

zones to detect and avoid temperature crossover during the phase transition.

The process of biomass combustion was simulated by the modified models shown elsewhere [33]. For the
Case 2B, a mixture of O, and recirculated flue gas were used as an oxidant for the inlet of RGibbs block.
For the Case 3B, Fe,O3 was used as an oxidant for the inlet of RGibbs block. Finally, the SSplit model was
used as a cyclone to separate the combustion gases from ash, and the heat of the combustion gases could
be further extracted by the heat exchangers. For the Case 2A and 2B, the ASU was not modelled, but the
specific energy of oxygen separation was set to 160 kWh/tonne O for the techno-economic analysis [34].
The mass flow rate of recirculated flue gas was adjusted to maintain the O, volume concentration at 30%

in the oxy-fuel combustor to control flame temperature [35].

In the Case 3A and 3B, an RGibbs block was selected to model both the air reactor (AR) and fuel reactor
(FR). A heat stream was used to carry the heat from oxidation of Fe3Oj4 in the air reactor (AR) to meet the
heat duty of calciner. It was assumed a 10% heat loss during the heat transfer from the AR to the calciner.
The outlet temperature of the AR varied as the change in heat duty of calciner, but it was always maintained
higher than the calciner operating temperature (900 °C). The FR was set to an adiabatic reactor and its
temperate was decided by the inlet conditions of fuel and oxygen carriers. The mass flow of oxygen carriers
to the FR was determined by all hydrogen was completely combusted in the outlet flue gas of the FR. The
heat of depleted air from the AR and CO; enriched gas from the FR were used to generate steam and preheat
the air and fuel. Both the AR and FR were operated at ambient pressure. The gas cleaning unit of all the
biomass combustion cases is simulated by a separator, which is assumed that the SOx and NOx are

completely removed from flue gas.
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Table 1 Main parameters and assumptions for process simulation in Aspen plus

Parameters Value Unit Reference
Reformer pressure 25 bar [18]
Reformer temperature 600 °C [18]
Steam to carbon (S/C) ratio 5 - [18]
Calciner temperature 900 °C [14]
Isentropic efficiency of natural gas and CO, compressor 83 % [14]
Water pump efficiency 83 % [14]
Excess oxygen 10 % [36]
Calciner heat loss 10 % [18]
Calcination efficiency 100 % [14]
Mechanical efficiency of pump and compressors 98 % [14]
Fuel feed temperature 9 °C /
Fuel feed pressure 1 bar /
Feed water inlet temperature 10 °C /
Feed water inlet pressure 1 bar /
Air/oxygen temperature 20 °C /
Air/oxygen pressure 1 bar /
Stack temperature of flue gas 120 °C /
Lower heating value of H» 120 MlJ/kg [37]
Lower heating value of wood pellets 17 Ml/kg [38]

Lower heating value of natural gas 46.02 MlJ/kg [39]




Table 2 Composition of natural gas [39]

Composition of natural gas Unit (mol. %)

CH4 92.03

CyHs 5.75

CsHs 1.31
Cas 0.45
N, 0.46

Table 3 Proximate and ultimate analyses of the woody biomass [30]

Proximate analysis (Wt%, as received)

Moisture 4.97

Volatile matter 78.30

Fixed carbon 14.93

Ash content 1.79
Ultimate analysis (Wt%, as received)

C 4791

H 6.70

N 0.12

S 0.04

O (by difference) 45.27

The key performance indicators to evaluate the thermodynamic performance of different SE-SMR
processes are cold gas efficiency, net efficiency and CO; capture efficiency. Because the PSA unit has been
installed and the off-gas of PSA unit (PSAOG) has been utilised in all cases, the H» purity and total natural

gas conversion for all the cases are close to 100%.

The cold gas efficiency (1) is calculated by Eq. (9).

_ rth,product * LHVH2
Ncg =

: ; * 100% i
mNG,feed * LHVNG + mNG/Biomass,additional * LHVNG/Biomass) Equatlon (9)

Where my, productsING,feed a0d NNG/Biomass,additional ar€ the mass flow rate of the hydrogen product,
natural gas feed and additional natural gas or biomass required to meet the heat utility of the calciner and
steam boiler, respectively, LHVy, and LHVyg /Biomass are the lower heating value of hydrogen and natural

gas or biomass, respectively.

The net efficiency (1yet) is calculated as shown in Eq. (10), where the electric utility (P;) requirement is
also added to the cold gas efficiency equation. A thermal to electrical conversion efficiency (Meject) of S0%

is utilised in this work.
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ri'lH , duct * LHVH
Tnet = 2Pt 2 p— | * 100% Equation (10)

(rhNG,feed + rhNG/Biomass,additional) * LHVCH4 +

Nelect

The overall CO, capture efficiency is calculated using Eq. (11). In this work, only the CO, emissions of

SE-SMR plants are considered and biomass is considered to be a carbon-neutral fuel.

I’1C02,Captured

CO, capture efficiency = < ) *100% Equation (11)

nNG,feed + rlNG/Bi0mass,additional

Herein, nco, captured i$ the moles of carbon capture, nyg, feeq is the moles of carbon in natural gas feed to
the reformer, and nyg/Biomass,additional 1S the moles of carbon in natural gas or biomass feed to the

combustor or FR.

2.3. Economic evaluation

Detailed cost estimation of the above different SE-SMR configurations is conducted to compare their
economic performance. A chemical plant cost estimation methodology developed by Sinnott et al. [40] for
calculating the capital and operating costs is employed. The capital cost consists of direct capital costs of
the major equipment, such as the reformer, calciner, heat recovery steam generator (HRSG), pressure swing
adsorption (PSA) unit, chemical-looping combustion (CLC) unit and CO> compressor, and indirect capital
costs. The direct capital costs of the major equipment are based on the estimation of corresponding units
from the literature and corrected to a consistent baseline year (2019) by employing chemical engineering
plant cost index factors and equipment scaling exponents as Eq. (12) shown [40].

cI Sa\"
Cp = <_A) « Cp * <_A) Equation (12)
Clg Ss

Where C, is the new scaled equipment cost, Cg is the base equipment cost, CIx and Clg are the annual
chemical engineering plant cost index factor in the year A and B respectively, Sa is the new equipment’s
capacity, Sgis the base equipment’s capacity, and x is the scaling exponent for the equipment, which is

taken as 0.6 in this work, as known as the six-tenths rule.

The operating cost is made up of the fixed costs, variable costs and fuel costs. The price of the raw materials
and fuel is obtained from the quotations of potential suppliers and literature. Parameters and assumptions
for the capital and operating costs are described in Table 4. The costs of shipping and distributing H»
product are not considered in this work. It is assumed that the proposed cases are the central hydrogen

production plants and that a distribution network is available.
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The key economic performance indicators used in this analysis are the levelised cost of hydrogen (LCOH),
the cost of CO; avoided (CCA) and removal (CCR). These costs are calculated by the following equations
[29,41]:

Lcon = LOCHFCEAEOM) | pe\ iRy + vom Equation (13)
= *
(CF = 8760) duation

_ LCOHsg_smr — LCOHNon ccs
CO, Emissionsygp ccs — CO, Emissionsgg_smr

CCA Equation (14)

_ LCOHgg_smr — LCOHon ccs

CCR
COZ RemovedSE_SMR

Equation (15)

Where TOC is the total overnight capital cost, FOM is the fixed operating and maintenance costs, VOM is
the variable operating and maintenance costs, FC is the fuel costs, CF is the capacity factor, HR is the net

heat rate of the plant, and FCF is the fixed charge factor as defined in Eq. (16) [40].

r(1+r)t

FCF = ———F——
1+nt-1

Equation (16)

Herein, ¢ is the economic lifetime of the plant relative to its base year, and r is the discount rate. In this
study, a plant lifetime of 30 years and a discount rate of 12% obtained from the report of discount rates for

low-carbon and renewable generation technologies in the UK [42] are used.

The value of LCOH with and without a carbon price (£16/tonne [43]) of an SMR plant (LCOHnon ccs) iS
£2.17 and £1.33/kg H» [44], and the CO, emissions of SMR plant without carbon capture (CO, Emissionsnon
ccs) is assumed to be 10 kg/kg Ha [26].

2.4. Sensitivity analysis

It is necessary to find the key parameters and consider their uncertainties that can affect the economic
performance of the proposed SE-SMR for blue or carbon-negative hydrogen production. Thus, a sensitivity
analysis is carried out in this work to evaluate the impact of the change in six parameters, which are the
total direct capital cost (TDCC), discount rate, fuel costs, CO» storage cost, operating capacity factor and

net efficiency, on the LCOH.

To investigate the profitability of the proposed cases, net present value (NPV) has been calculated according
to Eq. (17) [40], and different H, selling prices have been applied to evaluate the profitability performance

of proposed cases.
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n=t

NPV = NCF, Equation (17)
] (1+nn
Where NCF,; is the net cash flow in year n.
Table 4 Parameters and assumptions for economic analysis
Parameter Value Reference
Specific cost of reformer (£/kW) 55.3 [26]
Specific cost of calciner (£/kWu) 171.5 [45]
Specific cost of CLC unit (£/kW,) 178.8 [46]
Specific cost of heat recovery steam generator (£/kW) 112.8 [47]
Specific cost of Sulphur removal unit (£/kW,) 38.3 [41]
Cost of PSA unit (£m) 90.3 [26]
Cost of ASU (£m) 32.0 [26]
Cost of CO, compressor (£m) 37.7 [48]
Cost of CO, storage (£/tonne) 19 [49]
Heat pipe (£/pipe) 179.3 [24]
Natural gas price (£/MWh) 15.4 [50]
Biomass price (£/MWh) 19.0 [50]
Electricity price (£/kWh) 0.16 [51]
Process water (Including waste water treatment, £/m*) 3.1 [52]
Ni catalyst (£/kg, life span: 5 years) 24.5 [53]
Fe»Os oxygen carriers (Including disposal cost, £/kg, life 1.5 [26]
span: 3000 h)
Limestone (£/tonne, life span: 500 h) 85 [54]
Solid inventory of CaCOs (kg/m?) 1000 [55]
Solid inventory of the fuel reactor (kg/MW) 500 [56]
Solid inventory of the air reactor (kg/MW) 250 [56]
Industrial land value (Tees Valley, £m/hectare) 0.32 [57]
Chemical Engineering Plant Cost Index (CEPCI) 2019 607.5 [58]
Plant staff 35
Burdened labour cost (Including the overheads, £/man-hr) 25
Plant life (year) 30

Capacity factor 0.95




Design and engineering 20% of total direct capital costs of

equipment
Contractor’s fee 5% of total direct capital costs of
equipment
Contingency allowance 5% of total direct capital costs of
equipment
Maintenance 10% of total capital costs
Miscellaneous materials 10% of maintenance cost
Insurance 1% of total capital costs per year
Local taxes 1% of total capital costs per year
Supervision 10% of the operating labour costs
Laboratory costs 20% of the operating labour costs
Plant overheads 60% of the operating labour costs

3. Results and discussion

3.1. Technical performance analysis
The detailed technical performance of six different SE-SMR plants is shown in Table 5. Case 2A has the
highest cold gas efficiency (82.59%), but its net efficiency is 3.24% and 0.9% points respectively lower
than those of Case 1A (76.96%) and 3A (74.10%) due to the high electricity consumption of the ASU. Case
1A has the highest net efficiency (76.96%), but the lowest CO, capture efficiency (60.08%), because only
the CO, from the reformer has been captured by CaO sorbent, and the CO, from the indirect-air natural gas
combustion calciner is released directly to the atmosphere. When biomass is used as the fuel to meet the
heat duty of calciner and steam generation (Case 1B) the system can achieve the highest net efficiency
(70.52%) with overall CO; capture efficiency of 86.08%. While Case 2B and 3B can realise nearly 100%
overall CO; capture efficiency with a 4.19% and 1.2% drop in net efficiency compared that of the Case 1A.
In addition, Case 2B and 3B can achieve negative CO, emissions for hydrogen production, which can
remove 5.4 and 5.5 kg CO; respectively from the atmosphere per kg of hydrogen produced. It is worth
noting that the replacement of natural gas by biomass in the indirectly heated calciner significantly
decreases both the cold gas and net efficiencies by ~5-7% points for these cases because of heat loss in
biomass combustion. To improve its efficiency, it is required to further improve the optimisation of their
heat network integration to achieve maximum heat recovery. Compared with the SMR with amine-based
scrubbing system, the cold gas efficiency of proposed SE-SMR configurations is significantly higher than
that of SMR with amine-based scrubbing system (69%) [25].
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The natural gas conversion in the reformer and H» purity (dry basis, before PSA) for all the proposed SE-
SMR configuration is 86% and 96%, respectively, which is much greater than those of conventional SMR
process. Hence, SE-SMR process without PSA is optimal for some low-purity H, required applications.
With the use of PSA, the H purity can be nearly 100% and the PSA off-gas can be used to provide the heat

to calciner, which makes the overall natural gas conversion approach to 100%.

The NO, and SO, emissions increase significantly when natural gas is replaced by biomass to meet the heat
duty of calciner and steam generation. But the NOy emissions of Case 1B, 2B and 3B are well below the
EU directive on industrial NOx emissions of biomass combustion (250 mg/Nm?). For SOx emissions, only
in Case 3B is the value (308 mg/Nm®) over the limitation for industrial SOy emissions for biomass
combustion (250 mg/Nm?*). It would be necessary to add a gas cleaning unit to further purify the CO, stream
before the CO, compression in Case 2B and 3B, to avoid the risk of corrosion throughout transport pipelines

and plant components.

The current TRL of SE-SMR for hydrogen production is at 4, and a series of studies have been done to
develop the sorbents, catalysts, reactor design, system integration and optimisation. In this work, we
proposed six new SE-SMR configurations for low-carbon hydrogen production. The TRL of Case 1A, 1B,
2A and 2B is estimated at 4, and 3 for Case 3A and 3B. The experience of operating the pilot-scale indirectly
heated calciner, calcium looping, and chemical-looping combustion facilities can be used to accelerate the
development of proposed SE-SMR configurations in this work. There are some key challenges in scale-up
for the proposed SE-SMR processes. It is necessary to investigate the performance of the indirectly heated
calciner. Looking at, in particular, the heat transfer and heat loss through the heat pipes between the

combustor/ air reactor to the calciner, and the effects of heat pipes on the fluidisation and cycling of the

solids.
Table 5 Technical performance indicators of SE-SMR H» production plants
Cases Units  Case 1A Case 1B Case 2A Case2B Case3A Case3B
Natural gas tonne/h  62.8 48.4 61.6 48.4 64.3 48.4
Biomass tonne/h 0.0 57.6 0.0 55.0 0.0 56.5
Boiler feed water ~ tonne/h  273.0 273.0 281.9 273.0 272.8 300.7
Fuel compressor MWy 10.3 10.3 10.3 10.3 10.3 10.3
Water pump MWy 0.2 0.2 0.2 0.2 0.2 0.2
CO; compressor MWy 10.8 10.8 16.0 20.7 17.2 20.9
Air separation unit MWy, 0.0 0.0 20.7 25.1 0.0 0.0
Calciner MW 160.9 160.9 166.1 160.8 160.5 160.5
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Combustor/CLC
unit
H; product flowrate
H: product (LHV)
Cold gas efficiency
Net efficiency
CO; capture

efficiency

CO; captured

CO; emissions

NOy emissions

SO, emissions

Wi

tonne/h
MWy,
%

%

%

(kgrkg
H>)
(g/kg
H)
mg/Nm3
mg/Nm3

274.5

19.5
650

81.0
77.0

60.1

5.88

2980

2.21
0.00

311.4

19.5
650
73.9
70.5

86.1

5.88

0.49

59.67
58.21

269.6

19.5
650
82.6
73.7

100.0

8.69

0.34

0.01
0.00

299.5

19.5
650
74.9
66.3

100.0

11.29

-5410

3.56
93.87

291.00

19.5
650
79.1
74.1

100.0

9.08

0.43

0.02
0.00

374.6

19.5
650

74.4
69.4

99.7

11.40

-5520

0.01

308.00

3.2. Economic analysis

3.2.1. Economic performance

Table 6 presents the detailed results of economic analysis of the different SE-SMR processes. The

integration of SE-SMR with oxy-biomass combustion calciner (Case 2B) has the highest total capital and

operating costs (£293m and £329m, respectively) compared to that of the other cases. The replacement of

oxy-fuel combustion unit by the CLC unit in Case 3B decreased the total capital and operating costs relative

to Case 2B by 2.76% points and 9.36% points respectively. While, the total capital and operating costs of

Case 3A has increased by 6.21% points and 3.04% points compared to the Case 3A, which is due to the

increase in the capacity of CO, compression unit in case 3A. Case 1A has the lowest total capital and

operating costs (£189m and £238m) but with the lowest CO, capture efficiency (60.08%). The total capital

and operating costs of Case 1A are increased by 2.47% points and 6.48% points when biomass replaces the

natural gas as the feed of the indirect calciner (Case 1B), but the CO» capture efficiency is increased by

30.2% points.
Table 6 Main results of economic analysis of SE-SMR hydrogen plants
Cases Units CaselA  CaselB Case2A Case2B Case3A  Case 3B
Direct capital costs
Reformer £m 34.2 342 34.2 34.2 34.2 34.2
Calciner &combustor £m 27.6 27.6 28.5 27.6 27.5 27.5
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PSA
CLC unit
ASU
CO; compressor
Gas cleaning unit
HRSG & Heat

exchangers

Design and
engineering
Contractor's fees
Contingency

allowance

Land

Total capital costs

Maintenance
Operating labour cost
Laboratory costs
Supervision
Plant overheads
Local taxes

Insurance rate

Limestone
Ni Catalyst
Fe>O3 oxygen
carriers
CO; storage cost
Boiler feed water

Electricity

£m
£m
£m
£m

£m

£m

£m

£m

£m

£m

£m

£m
£m
£m
£m
£m
£m

£m

£m

£m

£m

£m
£m

£m

39.5 395 39.5
0.0 0.0 0.0
0.0 0.0 37.9
13.5 13.5 20.2
0.0 33 0.0
279 279 27.9

Indirect capital cost

28.5 29.2 37.6
7.1 7.3 9.4
7.1 7.3 9.4

Non-Depreciable Capital Costs
3.2 3.7 3.8
188.7 193.5 248.4
Operating costs

Fixed operating costs

18.9 19.4 24.8
1.82 1.82 1.82
0.36 0.36 0.36
0.18 0.18 0.18
1.09 1.09 1.09
1.89 1.93 2.48
1.89 1.93 2.48

Variable operating costs
0.13 0.13 0.13
0.54 0.54 0.54
0.00 0.00 0.00
19.0 19.0 28.3
3.14 3.14 3.24
27.6 27.6 61.9

39.5
0.0
63.4
26.1
33

27.9

44 .4

4.4

293.0

29.3
1.82
0.36
0.18
1.09
2.93
2.93

0.13

0.54

0.00

36.7
3.14
73.4

39.5
36.4
0.0
26.1
0.0

29.8

40.2

10.0

10.0

3.8

264.9

26.5
1.82
0.36
0.18
1.09
2.65
2.65

0.13

0.54

0.69

36.7
3.14
36.2

39.5
45.9
0.0
26.4
33

29.8

43.2

10.8

10.8

4.4

28.5
1.82
0.36
0.18
1.09
2.85
2.85

0.13

0.54

1.30

37.1
3.46
41.0

284.9
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Miscellaneous

£m 1.82 2.16 2.43 3.25 2.31 2.49
materials
Fuel costs
Natural gas £m 159.1 122.8 156.1 122.7 163.0 122.6
Biomass £m 0.0 51.1 0.0 51.7 0.0 53.1
Total operating costs £m 237.5 252.9 286.0 329.8 271.5 299.0
LCOH (without CO»
£/kg 1.78 2.04 2.12 2.58 2.03 2.31
storage)
LCOH (with CO,
£/kg 1.90 2.15 2.30 2.80 2.26 2.53
storage)
Cost of COz avoided
£/tonne 33.0 45.7 57.3 68.6 54.4 52.9
(zero carbon price)
Cost of CO, avoided
£/tonne -24.7 0.3 10.6 36.2 7.7 20.8
(with carbon price)
Cost of CO2 removal
£/tonne 57.7 96.9 80.0 106.5 72.7 81.9
(zero carbon price)
Cost of CO:2 removal
(with carbon price £/tonne -38.7 0.5 14.8 56.3 10.2 322

£16/tonne COy)

Figure 4 shows the breakdown of total capital costs of different SE-SMR configurations. The direct capital
costs of reformer and calciner are the major share of the SE-SMR process, accounting for 32% to 43% of
the total capital costs for each case. The direct capital costs of PSA unit and heat exchangers serve as the
second and third largest share of the total capital costs, which constitute values of 13% to 21% and 9% to
15% respectively.

The breakdown of variable operating costs of different SE-SMR hydrogen plants is shown in Figure 5. It
can be concluded that the CO; storage and electricity costs make up the majority of variable operating costs
of different SE-SMR hydrogen plants (>88%). Here Case 2A and 2B have the greatest share of electricity
cost (64.07% and 62.83%), which is due to the installation of an ASU for oxygen production. Although
there is a concern about the decay of the natural CaO sorbent during the CO; capture process, the costs of
limestone only contribute 0.11% to 0.25% to the total variable operating costs of different SE-SMR
configurations based on the lifetime of 500 h. Also, the end-use of lime-based sorbents from calcium
looping process has been successfully proved for cement production[59], which offers the potential to offset

the costs of limestone consumption during the SE-SMR process.
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Figure 4 Split of total capital costs of SE-SMR hydrogen plants

Figure 6 presents the levelised cost of hydrogen (LCOH) and distribution of its different components of
different SE-SMR hydrogen plants with CO; transport and storage. Case 1A has the lowest LCOH
(£1.90/kg Hz) among others but the lowest overall CO, capture efficiency (60.08%). The LCOH of Case
3A is £2.26/kg H», which is 18.95% points greater than that of Case 1A and 5.12% points than that of Case
1B but is the most economic pathway for nearly whole CO; capture compared that of Case 2A, 2B and 3B
(£2.30, £2.80 and £2.53/kg H»). The LCOH of proposed SE-SMR processes in this study is comparable
with the LCOH of SMR, ATR and coal with CCS (£1.76 and £2.08/kg H»), and is more competitive than
that of biomass with CCS (£2.8/kg H») and electrolysis with renewable energy (£6.38-11.55/kg H») [60].
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Figure 6 Distribution of different costs of levelised cost of hydrogen for different SE-SMR processes

The cost of CO, avoided and removal of different SE-SMR processes with/without a carbon price are shown
in Table 6. Interestingly, the cost of CO, avoided and removal decreases dramatically by applying a carbon
price of £16/tonne CO». The calculated cost of CO; avoided of different SE-SMR processes proposed in
this work is in the range of £32.97 to £68.55/tonne CO,, which is lower than that of SMR with MDEA
(£104.92/tonne CO,), CLR (£78.10/tonne CO,) [25] and ATR (£64.31/tonne CO,, excluding Case 2B) [26].
The estimated cost of CO, removal for carbon-negative hydrogen production in the Case 2B and 3B is
£106.50/tonne CO; and £81.91/tonne CO; respectively, which is significantly lower than that of biomass-
derived hydrogen with carbon capture and storage (BHCCS)- £149/tonne CO; reported in [61].

The costs of integration of SMR with CCS technologies have been extensively investigated over the past
two decades. The cost of hydrogen from these studies varies from £0.95-2.18/kg H» for capture rates from
60-90%, and their cost of CO, avoided ranges from £13-106/tonne CO; [60]. Compared with the economic
performance of the cases presented in this work, it can be concluded that the economic performance of
different SE-SMR configurations proposed in this work is promising and comparable with that of currently
available SMR with CCS technology. Furthermore, the Case 2B and 3B can achieve negative CO>
emissions from H» production with a moderate LCOH (£2.80 and £2.53/kg H») and cost of CO, avoided
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(£68.55 and £52.90/tonne CO,). When the carbon price of £16/tonne CO, is employed, it further reduces
their cost of CO; avoided to £36.24 and £20.79/tonne CO- respectively.

Notably, the estimated production cost of hydrogen from natural gas and cost of CO» avoided are influenced
by various technical and economic factors, for instance, the complexity and accuracy of the techno-
economic models and uncertainty of the input variables (e.g. natural gas price, capital costs of equipment,
CO; storage cost and carbon price). In the next section, the impacts of uncertainty in the input variables on
the levelised cost of hydrogen for different SE-SMR configurations are discussed.

3.2.2. Sensitivity analysis

The LCOH is one of the key economic performance indicators for SE-SMR hydrogen plants, which is
affected by different technical and economic factors. A sensitivity analysis including the effects of
uncertainty in the total direct capital costs (TDCC), discount rate, fuel costs, CO; storage cost, operating
capacity factor and net efficiency on the LCOH of the different SE-SMR processes was conducted to
investigate the economic performance of SE-SMR plants in the presence of uncertainty.

The SE-SMR processes are highly sensitive to the fuel costs as seen in Figure 7 (c). The reference price of
natural gas and biomass is £15.41/MWh and £19.00/MWh respectively, and a change in their price by +30%
points affects the LCOH for SE-SMR plants by an average of -12.46-18.69% points. Due to the low TRL
of the SE-SMR process and lack of published data on the capital cost of commercial scale SE-SMR
hydrogen plant, +30% change is considered to investigate the impacts on the LCOH for different SE-SMR
processes and the results are shown in Figure 7 (a). This changes the LCOH for SE-SMR plants by an
average of £+4.67% points compared that of reference cases.

Discount rates for low-carbon and renewable generation technologies are significantly influenced by the
maturity of technology, systematic and policy risk. In this study, a discount rate of 12% has been applied
to the base cases of SE-SMR processes, and it is reasonable to estimate it will fluctuate in the range of 6 to
14% according to [42]. Figure 7 (b) illustrates the increase of discount rate from 6% to 14% rises the LCOH
of SE-SMR processes by an average of 3.58% points. A £30% change in the CO; storage cost in the base
cases acts the average of -1.54% to 2.31% points on the LCOH of base SE-SMR processes as Figure 7 (d)
shown. The increase of operating capacity factor from 80% to 100% reduces the LCOH by an average of
3.83% points (Figure 7 (e)). In the Figure 7 (d), when the net efficiency of base cases decreases by 10%
points, the LCOH rises by an average of 6.92% points. On the other hand, with an increase of the net

efficiency in the base cases by 10% points, the LCOH declines by an average of 5.66%.
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Based on the sensitivity analysis, it is clear that the economic performance of SE-SMR processes proposed

in this work is mainly affected by the fuel costs of natural gas and biomass, followed by the net efficiency,

TDCC, discount rate and CO, storage cost. This generally agrees well with other techno-economic

assessment work on SMR with/without CCS or SE-SMR for hydrogen production in [1,17].
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Figure 7 Sensitivity analyses a) TDCC vs LCOH, b) Discount rate vs LCOH, ¢) Fuel costs vs LCOH, d)

CO:; storage costs vs LCOH, e) Operating capacity factor vs LCOH, f) Net efficiency vs LCOH.
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Discounted cash flow analysis is an important technique for translating the net future cash flows of the
project to the net present value (NPV), which gives a clear indication of the resources required for a project
and the timing of earning. Figure 8 presents the cumulative discounted cash flow of proposed SE-SMR
processes in this work with hydrogen selling price of £2.20, £2.60 and £3.00/kg H». Here Case 2B and 3B
cannot make any revenue when the hydrogen selling price is assumed to be less than £2.20/kg. When the
hydrogen price is increased from £2.20/kg to £2.60/kg, all the proposed SE-SMR processes can make
profits after the 13" year of the project. At a hydrogen selling price of £3.00/kg, the payback time of Case
1A and 1B is 5 years, followed by 6 years for Case 2A and 3A, 7 years for Case 3B, and 8 years for Case
2B.

Notably, the hydrogen selling price play a crucial role in the economic performance of hydrogen production
plants. Although the current hydrogen selling price is approximately £7.50/kg H» at hydrogen vehicle
refuelling stations in the UK [62] and the transaction prices of hydrogen are in the range of £1.40/kg to
£3.60/kg in terms of scale and purity[63], the proposed SE-SMR processes in this study shows that blue
and carbon negative hydrogen are able to achieve significant economic gains with a hydrogen selling price

of only from £2.20 to 3.00/kg Ho.

1000 1400

Figure 8 Cumulative discounted cash flow of SE-SMR plants under different hydrogen selling price

4. Conclusions

This work presents a detailed techno-economic assessment of six SE-SMR configurations for large-scale
blue and carbon-negative hydrogen production. The impact of incorporating oxy-fuel combustion,
chemical-looping combustion and CO, compression unit, and using biomass as the feedstock for providing
combustion heat to the calciner on the net efficiency, CO; capture efficiency, levelised cost of hydrogen,
CO; avoided and removal cost of the proposed cases were also evaluated. Results indicated that the
retrofitted SE-SMR processes could provide flexible options for low-carbon hydrogen production based on

the costs and demand of CO- reduction and were comparable with SMR with CCS technologies.
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The replacement of natural gas by biomass in the calciner has improved the CO- captured for all the cases,
but reduced their net efficiency by an average of 8.25% points. SE-SMR with indirect air-natural gas
combustion calciner (Case 1A) has the highest net efficiency (76.96%) and the lowest LCOH (£1.90/kg
H>), but only 60.06% CO: is captured. The replacement of natural gas by biomass in the calciner (Case 1B)
can increase the CO, capture efficiency to 86.08% with the LCOH of £2.15/kg H,. In Case 2A (SE-SMR
with indirect oxy-natural gas combustion calciner) and Case 3A (SE-SMR with indirect calciner heated by
chemical-looping combustion with natural gas) can realise almost complete CO; capture and pure hydrogen
production, but Case 3A is more economically favourable than Case 2A in terms of LCOH and costs of
CO; avoided and removal. With the use of biomass in Case 2B and Case 3B, this can achieve carbon-
negative hydrogen production, which removes 5.42 kg and 5.52 kg of CO, respectively from the atmosphere
per kg hydrogen produced but with the highest LCOH and costs of CO; avoided and removal. By applying
a carbon price (£16/tonne COy) it is possible to reduce the costs of CO» avoided and removal significantly.
The results of sensitivity analyses indicated that fuel costs of natural gas and biomass are the major factor
affecting the economic performance of proposed SE-SMR processes, followed by net efficiency, total direct
capital costs of equipment and CO, storage costs. Cumulative discounted cash flow of the proposed SE-
SMR plants with hydrogen selling price from £2.20-3.00 was calculated to analyse the profitability and
payback time. With a hydrogen selling price of £3.00/kg, investment in any of the proposed SE-SMR plants

can be paid back after eight years without employing a carbon price.
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