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ABSTRACT

The Canadian regulations on carbon dioxide emissions from power plants aim to lower the

emissions from coal-fired units down to those of natural gas combined cycle (NGCC) units.

Since coal is significantly more carbon intensive than natural gas, coal-fired plants must

operate at higher net efficiencies and implement carbon capture to meet the new regulations.

Calcium looping (CaL) is a promising post-combustion carbon capture (PCC) technology that,

unlike other capture processes, generates additional power. By capturing carbon dioxide at

elevated temperatures, the energy penalty that carbon capture technologies inherently impose

on power plant efficiencies is significantly reduced. In this work, the CO2 capture performance

of a calcium-based sorbent is determined via thermogravimetric analysis under relatively high

carbonation and low calcination temperatures. The results are used in an aspenONE™
simulation of a CaL process applied to a pressurized fluidized bed combustion (PFBC) system

at thermodynamic equilibrium. Combustion of both natural gas and coal are considered for

sorbent calcination in the CaL process. A sensitivity analysis on several process parameters,

including sorbent feed rate and carbonator operating pressure, is explored. The energy penalty

associated with the capture process ranges from 6.8 to 11.8 percentage points depending on

fuel selection and operating conditions. The use of natural gas results in lower energy penalties

and solids circulation rates, while operating the carbonator at 202 kPa(a) results in the lowest

penalties and drops the solids circulations rates to below 1000 kg/s.
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INTRODUCTION

Fossil fuels represent the major energy source for electricity production in the world. In 2015,

approximatively 66% of the world production relied on fossil fuel, with coal alone accounting

for up to 39% of the global power output.[1] Whilst energy production predictions foresee a

shift towards renewable sources of energy (e.g., solar, hydro, wind, etc.), fossil fuels, and coal

in particular, will still constitute an important source of energy.[1] Natural gas represents a

cleaner source of energy as it is less carbon intensive,[2] whereas coal contains more sulphur

and generates ash, along with a wide range of micro-pollutants (e.g., halides, mercury). The

CO2 intensity of a process, defined as the amount of CO2 emitted per unit of net power

produced, depends mainly on the fossil fuel burned in the power plant. Average values range

from about 400 kg/MWeh for natural gas units to 900 kg/MWeh for coal cases.
[2] Present

regulations in Canada require that carbon emissions from existing coal power plants reach

natural gas-fired levels by 2030 or the end of their useful life (defined as between 45 and 50

years after commissioning date), whichever comes first. New coal-fired power plants must

comply upon start-up.[3,4] The important difference in current carbon emissions from these two

types of power plants will force the implementation of carbon capture and storage (CCS) in

coal-fired power plants, in addition to efficiency improvements.

Pressurized fluidized bed combustion (PFBC) is a particular implementation of fluidized bed

combustion where the boiler is usually operated between 1 and 1.5 MPa.[5] By operating at

elevated pressures, additional energy recovery via latent heat and hot flue gas expansion can

be realized, in addition to the steam cycle used in all power plants. This combined cycle results

in efficiencies above 40% on a higher heating value (HHV) basis, reducing the carbon intensity

of the process.[5,6] Calcium looping (CaL) is a post-combustion carbon capture technology that

uses the reversible carbonation reaction to capture CO2. The process circulates calcium-based

sorbents between two reactors: the carbonator where CO2 reacts with calcium oxide (Equation

(1)); and the calciner where the combustion of a fuel generates the heat necessary to calcine

calcium carbonate (Equation (2)). The process is illustrated in Figure 1. Due to sorbent

sintering and/or reaction with other species (e.g., SO2), the conversion of calcium oxide in the

carbonator decreases as the sorbent is cycled in the process.[7,8] To maintain the conversion at

a desired level, a make-up of fresh limestone and a purge to remove spent sorbent are

implemented. The calciner operates in oxy-combustion mode to avoid the dilution of CO2 with

nitrogen from air and to reduce the energy required for the compression of the calciner outlet

gas.



���(�) + ��� (�) → ����� (�) ∆����°� = −173.3 ��/��� (1)

����� (�) → ���(�) + ��� (�) ∆����°� = 169.5 ��/��� (2)

Figure 1: Calcium looping (CaL) block flow diagram.

This work considers the simulation of a CaL process for post-combustion CO2 capture from a

PFBC power plant. Mass and energy balances are performed to investigate the effect of

operating parameters on stream characteristics via a series of sensitivity analyses. Estimations

for the energy penalty of CaL on the base power plant are also provided as an additional

comparison criterion. In this investigation, the gross efficiency associated with power

production from the carbon capture process is based on previous work on a similar system.[9]

The capture process simulations are based on the cyclic CO2 sorption of a limestone that was

investigated in a series of thermogravimetric analyzer (TGA) experiments. The limestone was

subjected to multiple cycles of relatively high-temperature carbonation and low-temperature

calcination. These particular conditions were selected in order to minimize the temperature

difference between the two reactors in the CaL process and reduce the fuel consumption in the

calciner. The use of both natural gas and coal in the calciner was compared by using different

gas atmospheres during the calcination step.

MATERIAL AND METHODS

Experimental Methods



The tests were conducted using a naturally occurring Canadian limestone (Cadomin), sieved to

a diameter range of between 300 and 425 µm, which is an appropriate size range for circulating

fluidized bed operation. The composition of the sorbent, obtained from X-ray fluorescence

(XRF), is provided in Table 1.

Table 1: Composition of Cadomin limestone as determined via XRF (300 – 425 µm in

diameter)

Component
Mass fraction

(wt%)

SiO2 1.44

Al2O3 0.3

Fe2O3 0.35

TiO2 <0.03

P2O5 <0.03

CaO 52.27

MgO 1.54

SO3 <0.10

Na2O <0.20

K2O 0.09

Ba <250 ppm

Sr 258 ppm

V <50 ppm

Ni <50 ppm

Mn 80 ppm

Cr < 50 ppm



Cu <30 ppm

Zn <30 ppm

LOF* 43.96

*Loss on fusion

The sorbent was tested using a Cahn 1000 Electrobalance thermogravimetric analyzer, using

sample sizes of approximately 20 mg. This particular sample size was chosen in order to lower

potential variance in chemical composition between runs, as individual particles display

different CaO/MgO ratios. The total gas flowrate in the furnace was maintained at 100

NmL/min using mass flow controllers. The gas compositions were switched between

carbonation and calcination cycles as shown in Table 2. Based on previous testing, where CaO

carbonation profiles were compared at multiple flowrates ranging from 50 to 200 NmL/min, it

has been shown that the selected operating conditions limit gas diffusion resistance from the

bulk gas to the particle surface.[10,11] In addition, Perejon et al.[12] performed similar testing

using a gas flow rate of 50 mL/min and noted that gas diffusion resistance through the sample

only becomes relevant for sample masses above 40 mg for their TGA setup.

Table 2: TGA test conditions

Carbonation Calciner

Case
Temperature

(°C)

Gas

composition

(vol.%)

Pressure

(kPa(a))

Temperature

(°C)

Gas

composition

(vol.%)

Pressure

(kPa(a))

Base

Case

NG

730

CO2 -16.7%

N2 - 76.4%

H2O - 6.9%

101 892
CO2 - 63.3%

H2O - 36.7%
101

Press.

NG
778

CO2 -16.7%

N2 - 76.4%

H2O - 6.9%

202 893
CO2 - 64.5%

H2O - 35.5%
101



Base

Case

Coal

730

CO2 -16.7%

N2 - 76.4%

H2O - 6.9%

101 912
CO2 -84.8%

H2O - 15.2%
101

Press.

Coal
778

CO2 -16.7%

N2 - 76.4%

H2O - 6.9%

202 912
CO2 - 85.3%

H2O - 14.7%
101

The gas compositions and temperatures were selected using preliminary process simulations to

identify conditions where the carbonator and calciner would operate with a minimal

temperature difference. The tests simulate both natural gas and coal flue gas generated during

oxy-fuel calcination. Tests were performed at atmospheric pressure and 202 kPa(a) for both

simulated fuels. At atmospheric pressure, an initial 40-min calcination was performed,

followed by subsequent 5-min carbonations and 5-min calcinations. When carbonating at 202

kPa(a), the carbonation duration was increased to 10 min to ensure the end of the kinetic-

controlled stage of carbonation is reached. At the end of the carbonation period, the system

pressure was slowly dropped to 101 kPa(a) using an automated pressure control valve which

ensured the target gas composition was maintained. After calcination at atmospheric pressure,

the reactive gas was switched to an inert and the pressure was increased to 202 kPa(a) via the

same automated pressure control valve. In all cases, 20 cycles were performed on each sample.

A typical carbonation/calcination cycle is illustrated in Figure 2. Once the carbonation

temperature is reached, the gas atmosphere is switched and the weight of the sample starts

increasing after a short delay due to the volume of the gas lines. The carbonation is divided

into two steps: a fast reaction kinetic-driven stage followed by a slower diffusion-limited stage.

Appearance of the second step results from the formation of a carbonate layer at the surface of

the particles through which CO2 must diffuse before accessing unreacted CaO.
[13] After the

carbonation period, the temperature is increased and the gas atmosphere switched to calcination

conditions. Due to the higher CO2 partial pressure, the sample weight increases (via

carbonation) until a sufficiently high temperature is reached for calcination to occur; the sample

temperature is raised to the calcination temperature as quickly as possible to limit its impact.

The level of recarbonation in Figure 2 (first cycle) is not observed in the subsequent cycles

and, therefore, does not significantly affect the activity of the sorbent, which ultimately reaches

its residual value. It should be noted that this extra carbonation is unavoidable when calcining



under high CO2 environments and has been noted by previous authors when operating at

temperatures above 900oC and 70 vol.% CO2.
[12,14] Some level of recarbonation can be

expected in a real system during transfer of the sorbent to the calciner (using CO2) and has been

observed experimentally.[15] The sample is fully calcined before the end of the calcination

period, after which the temperature is reduced under pure nitrogen before initiating the next

cycle.

Figure 2: Sample weight and temperature vs. time for the first cycle of the simulated coal

base case conditions – Carbonation in 76.4% N2, 16.7% CO2 and 6.9%H2O – Calcination

in 84.8% CO2 and 15.2% H2O. All concentrations in vol.%.
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It should be noted that the CaO conversion used in this work only takes into account the first

phase of the carbonation. This choice was made to reflect the shorter residence times of the

particles in the circulating fluidized bed that the authors expect to be used for this CO2 capture

process. Consequently, the expected average conversions are lower than what is presented in

the available literature, especially from TGA data.[16–18]

Computational Methods

The PFBC was modeled using information from the Karita P800 boiler in Japan that was

designed to produce 360 MWe with a net efficiency of 41.8% HHV.
[6,19] The power output is

split between a steam turbine (290 MWe) and a gas turbine (70 MWe). The key specifications

of this unit are summarized in Table 3.

Table 3: Main specifications of Karita P800 from Koike et al. [19]

Boiler type Pressurized bubbling fluidized bed

Total output 360 MWe

Gas turbine output 70 MWe

Steam turbine output 290 MWe

Net efficiency 41.8% HHV

Gross efficiency 42.8% HHV

Steam conditions (supercritical)

Pressure 24,100 kPa(a)

Temperature 566/593°C (Main/reheat)

Gas conditions

Pressure Approx. 1300 kPa

Temperature Approx. 850oC

De-SOx system In-situ with limestone



De-NOx system PFBC combustion + SCRa

Dust collector 2-stage cyclones + ESPb

aselective catalytic reduction; belectrostatic precipitator

The fuel fed to the boiler contains a lime-based sorbent for in-situ desulphurization.[6] The

combustion takes places at 1300 kPa(a) and 850°C. A two-stage cyclone is used to reduce the

particle matter concentration before sending the flue gas to the gas turbine. After the turbine,

the gas is treated for NOx using a selective catalytic reduction process (SCR) and passes

through the steam cycle economizer used for boiler feed water pre-heat. A last particle removal

step is carried out with an electrostatic precipitator (ESP) before sending the flue gas to the

stack.

The Karita PFBC is simulated using Blair Athol coal, with proximate and ultimate analyses

provided in Table 4. The total coal feed rate was adjusted to match the desired power output of

360 MWe. Note that the total coal feed rate to the PFBC unit is directly calculated from the fuel

HHV and the net efficiency of the PFBC via the following equation:

�̇ =
��������∙���� (3)

where �̇ is the total coal feed rate, � is the desired power output, ������� is the higher heating
value of the coal, and ���� is the net efficiency of the PFBC unit. The sorbent feed rate is based
on results from the operation of the Tidd PFBC demonstration project where a calcium-to-

sulphur (Ca/S) molar ratio of 1.5 was sufficient to achieve 95% sulphur capture.[20]



Table 4: Blair Athol coal analysis from Huleatt [21]

Proximate analysis Ash analysis (wt.%)

Moisture wt.% 7.5 SiO2 61.3

Volatile matter wt.% 27.2 Al2O3 30.2

Fixed carbon wt.% 57.3 Fe2O3 4.2

Ash wt.% 8 CaO 0.5

Total wt.% 100 MgO 0.5

TiO2 1.6

Ultimate analysis Na2O 0.2

Moisture wt.% 7.5 K2O 0.3

Carbon wt.% 68.6 Mn3O4 0.1

Hydrogen wt.% 3.7 P2O5 0.2

Nitrogen wt.% 1.4 SO3 0.2

Chlorine wt.% 0

Sulphur wt.% 0.3

Ash wt.% 8

Oxygen wt.% 10.5

Total wt.% 100

Calorific analysis (HHV, air dried) MJ/kg 27.28

Combustion air is compressed from atmospheric pressure to 1300 kPa(a), with an assumed

composition of 79 vol.% nitrogen and 21 vol.% oxygen. Following the quality guidelines for



energy system studies suggested byNETL,[22] the stage pressure ratio is limited to 2.5, meaning

that a three-stage compressor is required. Inter-stage cooling is implemented so that the

discharge air temperature from each stage does not exceed 167°C.[23]A 2% pressure drop based

on the inlet pressure is assumed for each inter-stage cooler.[22] The boiler is simulated using

the Peng-Robinson equation of state and a Gibbs reactor with a combustion efficiency of 99.5%

to match the performance of the Tidd unit.[20] The isentropic efficiency of the turbine is

calculated by reproducing the Karita unit performance. The efficiency is adjusted until the

power output from the gas turbine is 70 MWe, resulting in an isentropic efficiency of 88%. For

the present work, the efficiency calculated above is adopted for all gas turbines in the

simulation. The discharge pressure is set to 121.3 kPa(a), to account for an assumed pressure

drop of 20 kPa in the calcium looping carbonator. The mechanical efficiency of the turbine is

set at 98.5%.[22] The output from the gas turbine is then fed to the CaL capture cycle as

illustrated in Figure 3.

Process simulations were performed using aspenONETM, with the base cases including the use

of both coal and natural gas as fuels for the calciner. Between these two simulations, all the

operating conditions were identical, with the exception of the fuel due to the presence of

sulphur and ash for the coal cases. The sulphur causes a slight increase in the CaO circulation

rate from the irreversible formation CaSO4. Note that the influence of ash on sorbent

conversion is not considered here and is assumed negligible based on low measured cyclic

conversions and relatively high sorbent make-up rates. In the simulation, the ash increases the

amount of inert solids in the process, leading to higher fuel consumption. Base case simulation

parameters for natural gas and coal cases are presented in Table 5 where �� and ���� are defined
as the molar flow of CaCO3 in the make-up stream and the molar flowrate of CO2 in the flue

gas entering the carbonator, respectively. The reactors operate at atmospheric pressure and at

temperatures corresponding to the experiments conducted and presented in the experimental

section. Conversion of the CaO in the carbonator is tied to the solids circulation rate, the make-

up rate, and the sorbent properties.



Figure 3: PFBC-CaL process flow diagram

Table 5: Base case simulation parameters

Parameter/Fuel
Carbonator

Temperature

Calciner

Temperature

Reactor

Pressure

Drop

Make-

up Ratio

(F0/FCO2)

Carbon

Intensity

(kg

CO2/MWeh)

NG 730°C 892°C 20 kPa 0.05 420

Coal 730°C 912°C 20 kPa 0.12 420

Due to the sorbent deactivation during particle cycling, an estimation of the particle residence

time in the process is required. In addition, the following equation is utilized to predict the

particle conversion,	��, over a large number of process cycles,	�:[24]�� = ��������� + �� (4)

where � is a decay parameter and �� is the residual conversion at high cycle numbers. The
average conversion of all the solids in the carbonator, ����, is a weighted average over the
cycle numbers:[25]���� = ∑ ����� (5)



�� = �������
(�����)� (6)

where �� represents the fraction of particles of age �, �� is the molar flow rate of CaO entering
the carbonator. The sum in Equation (5) is an infinite sum. During this study, enough cycles

have been considered to account for over 95% of the solids (∑ ��� ≥ 0.95). The make-up rate
of limestone (Equation (7)) and the circulation of calcium oxide (Equation (8)) are both defined

as ratios based on flue gas CO2 entering the CaL process:

������ (7)

������ (8)

All cases are simulated under conditions that meet the Canadian carbon emissions regulations

currently in place.[3] No hydrodynamic modeling of the carbonator has been included, instead

the carbonator is assumed to be perfectly mixed and the partial pressure of the CO2 leaving the

reactor is at equilibrium conditions. Therefore, the carbonator CO2 capture efficiency was

dependant on the carbonator temperature and varied based on operating pressure. The amount

of circulating CaO and the fuel feed rate are calculated so that the calciner does not produce

additional heat (i.e., only enough heat for calcination) and to meet the carbon intensity

specification. The production of oxygen (99 vol.%) is not simulated and the air separation unit

(ASU) energy consumption is calculated from a specific energy consumption of 231

kWh/tonne O2.
[26] The oxygen is fed in excess to maintain 2.7 vol.% O2 (dry basis) in the gas

outlet of the calciner.[22]

Calciner flue gas recycling is implemented to maintain fluidization conditions and reduce the

oxygen concentration in the fluidization gas. While the process simulation does not include a

hydrodynamic model or sizing of the calciner, the recycle ratio is set to achieve 30 vol.% O2

concentration at the reactor windbox, in alignment with the base case of the US Department of

Energy (DOE) experimental work.[26] In all cases, the calcination conversion was fixed at

100%. The recycled flue gas stream is cooled to limit the blower inlet temperature to 190°C.

The blower compensates for the calciner pressure drop and increases the gas stream pressure

by 20 kPa. The energy required to condition and compress the concentrated CO2 stream is

calculated using a 5-stage compression process with inter-stage cooling. The condensate

collected after each cooling step is separated before sending the gas phase to the next

compression stage. The CO2 stream is compressed in this manner until condensation occurs at



20°C, after which the CO2 is pumped to a final pressure of 15000 kPa(a). A dedicated sub-

critical steam cycle is used to recover energy from the capture process and produce additional

power. The gross efficiency of that cycle was calculated to be 35% (HHV) in previous work,[9]

and has been employed here.



RESULTS

Limestone Conversion

As discussed in the experimental method section above, only sorbent performance during the

initial rapid carbonation stage is important, since marginal improvements in carbonation

conversion are realized after this point. The end of this stage is approximated by the intersection

of two linear regressions for each of the carbonation stages. The results presented here illustrate

the decay of the sorbent conversion with repeated process cycles. The emphasis is on

conversion at high cycle numbers, since high make-up ratios are not desirable from an

economic perspective unless the spent lime can be used for cement applications for example

which is outside of the remit for this paper. Results from the experimental tests simulating the

use of natural gas for calcination are presented in Figure 4. It was observed that operating the

carbonation at a higher pressure results in higher conversion, due largely to the higher CO2

partial pressure. The improvement over the results at atmospheric pressure tend to be reduced

at higher cycle numbers, although the predicted values for residual conversions are still higher

under pressurized conditions (Table 6). This is an important result since conversion predictions

at high cycle numbers greatly affect process performance.

The experiments simulating coal combustion for sorbent calcination show a similar behaviour

(Figure 5). The higher CO2 partial pressures result in higher conversions at all cycle numbers

(Table 6). Comparing coal and natural gas conditions, we can see that natural gas calcination

conditions are slightlymore favourable in terms of CaO conversion, likely due to a combination

of lower operating temperature and the presence of steam. While the individual effects of these

two parameter are not tested here, they have both been tested independently elsewhere and

shown to increase CaO conversion.[16, 27] Although, the natural gas conditions result in

marginally better CaO conversions, both sets of calcination conditions give relatively low

cyclic conversions, even over the first few cycles. As noted above, the recorded CaO

conversions are taken at the end of the kinetic-controlled stage and partially explain the reduced

cyclic carrying capacity. In addition, calcination takes place under high CO2 partial pressures

and elevated temperatures, which are known to increase particle sintering, limiting particle

porosity, and dramatically decreasing the rate of carbonation. Perejon et al. [12] and Ortiz et al.

[14] have noted that the traditional equations for calculating CaO conversion do not reflect the

effect of calcination under high CO2 partial pressures, as would be the case in the CaL

technologies, and that the solid-state diffusion controlled carbonation is “greatly enhanced”



when CaO is regenerated under high CO2 partial pressures as compared to calcination under

low CO2 concentration. Their results showed CaO conversions, at the end of the reaction-

controlled stage, of ~4% after 20 cycles and residual conversions of <3% under similar

conditions as the present work. In addition, these low residual activities are in-line with

carbonation performance observed during pilot-scale trials with the same sorbent.[15]

Figure 4: Sorbent conversion vs. process cycle number – Simulated natural gas flue gas

conditions.
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Figure 5: Sorbent conversion vs. process cycle number – Simulated coal flue gas

conditions.

The conversion decaymodel presented in the experimental method section was fitted to all four

sets of data, with the resulting model parameters presented in Table 6. Particular attention has

been given to how well the model fits the higher cycle number data points (>10 cycles) due to

the importance of high cycle number on system performance. While complete data sets

obtained at atmospheric pressure were used during model fitting, the two pressurized data sets

were fitted based only on the last 10 to 15 cycle data points. This decision was made based on

the significant variability in sorbent conversion, which is thought to be due to greater water

throughput. With increased water injection rates to the system, the likelihood of incomplete

vapourization in the feed line increases, allowing liquid to enter the TGA. The authors believe

this rapid vapourization caused a perturbation in the gas flow around the sample, causing a

significant amount of noise in the recorded sample weight. Although the decay model provides

a poor fit for the first few cycles, this does not affect the subsequent modeling results since the

average sorbent conversion of all the solids in the carbonator is effectively equal to the residual

conversion.

Table 6: Sorbent conversion model parameters

Natural gas cases Coal cases

P = 101

kPa

P = 202

kPa

P = 101

kPa

P = 202

kPa�� 0.026 0.031 0.017 0.020

k 25.012 5.832 9.792 2.994

Process Simulations

The results of the base case simulations for atmospheric pressure natural gas calcination are

shown in Table 7. Process performance metrics are presented for two distinct scenarios: (1)

where the current regulation is targeted (i.e., the power required by the CO2 processing unit

(CPU) is left out of the energy penalty); and (2) a more stringent case where the compression

of CO2 is accounted for in the CO2 intensity calculations. The focus of the discussion will be

on scenario (1), but results from both are presented.



Table 7: Base case simulations – Natural gas – PFBC-CaL process performance summary

with and without the CPU included in target CO2 emissions intensity

With CPU Without CPU

PFBC
Net power (MWe) 360.0 360.0

Efficiency (% HHV) 41.8 41.8

C
aL
P
ro
ce
ss

Thermal input (MWth) 490.8 461.3

CaL assumed gross efficiency

(% HHV)
35.0 35.0

CaL gross power (MWe) 171.8 161.5

Auxiliaries (MWe) 11.8 11.1

CPU (MWe) 21.2 20.0

ASU (MWe) 32.1 30.2

Net power (MWe) 106.7 100.2

Efficiency (% HHV) 21.7 21.7

Solids flow rate (kg/s) 1212.1 1132.4

CaO conversion (%) 2.6 2.6

G
lo
b
al
P
ro
ce
ss Global net power (MWe) 466.7 460.2

Global efficiency (% HHV) 34.5 34.8

Energy penalty (% HHV) 7.3 7.0

CO2 intensity (kg CO2/MWeh) 420.0 420.0

The simulated CaL capture process produces an additional 161.5 MWe of power (gross) of

which 26% is consumed to produce oxygen and drive the process auxiliaries. The overall

efficiency, grouping both the capture process and the power plant, was calculated to be 34.8%.

This represents an energy penalty of 7.0 percentage points over the base power plant efficiency

(41.8%). Due to the low sorbent make-up ratio selected for the base case, the sorbent particles

are cycled a large number of times and the resulting average conversion reaches the residual

conversion of 2.6%, as determined experimentally. This low cyclic conversion results in a

relatively high solid circulation rate (1132 kg/s). In terms of loading, a 2.6% cyclic conversion

equates to a capture rate of 20.4 g CO2/kg sorbent. Although it does not compare favourably to

amine absorption (17.6-40.5 g CO2/kg solvent)
[28] or zeolite adsorption (37.4-48.4),[29] the



carbonation of the limestone in the simulation only accounts for the fast carbonation phase, as

explained in the experimental methods section.

The use of coal to provide thermal energy for calcination was also investigated (Table 8). In

this case, the sorbent make-up ratio was adjusted to control the circulating ash in the process.

The ash leaving the process in the purge stream causes higher purge/make-up flows to limit

ash accumulation in the system. In the base case, ash represents 15 wt.% of the circulating

solids at a make-up ratio of 0.12. In addition to ash impeding access to the active CaO sites,

the presence of sulphur also results in the formation of CaSO4. Together, the ash and CaSO4

contribute to the overall solids circulation. Compared to the natural gas case, the solids

circulation rate is significantly increased due to the presence of these inert solids and the lower

average sorbent conversion.

Using coal also causes a larger disparity between the current CO2 emissions intensity regulation

and the more stringent cases. Due to a larger volume of CO2, the power used to run the CPU

increases and the difference in energy penalty between the two capture targets increases from

0.3 (natural gas case) to 0.9 percentage points. The absolute energy penalty of the capture

process is also higher for coal via increased oxygen consumption and total CPU demands.



Table 8: Base case simulations – Coal – PFBC-CaL process performance summary with

and without the CPU included in target CO2 emissions intensity

With CPU Without CPU

PFBC
Net power (MWe) 360.0 360.0

Efficiency (% HHV) 41.8 41.8

C
aL
P
ro
ce
ss

Thermal input (MWth) 585.9 513.1

CaL Assumed gross efficiency

(% HHV)
35.0 35.0

CaL Gross power (MWe) 205.1 179.6

Auxiliaries (MWe) 15.8 13.8

CPU (MWe) 45.1 39.5

ASU (MWe) 53.7 47.0

Net power (MWe) 90.5 79.3

Efficiency (% HHV) 15.4 15.4

Solids flow rate (kg/s) 1983.5 1737.2

CaO conversion (%) 2.1 2.1

F0/FCO2 0.14 0.12

G
lo
b
al
P
ro
ce
ss Global net power (MWe) 450.5 439.3

Global efficiency (% HHV) 31.1 32.0

Energy penalty (% HHV) 10.7 9.8

CO2 intensity (kg CO2/MWeh) 420.0 420.0

A sensitivity analysis on the sorbent make-up ratio, which significantly influences the

economics of the process, [30] was performed to evaluate its impact on process performance.

The make-up rate, ��, was varied from 0.01 to 0.1, while adjusting the overall solids circulation
rate to meet the specified carbon emissions intensities. The results of this analysis for the

natural gas calcination cases are provided in Table 9.

Table 9: Sensitivity analysis – Sorbent make-up ratio – Natural gas cases with and

without the CPU included in target CO2 emissions intensity

With CPU Without CPU



F0 =

0.01

F0 =

0.025

F0 =

0.05

F0 =

0.075

F0 =

0.1

F0 =

0.01

F0 =

0.025

F0 =

0.05

F0 =

0.075

F0 =

0.1

Solids flow

rate (kg/s)
1261.2 1241.8 1212.1 1184.3 1157.6 1186.4 1165.1 1132.4 1101.4 1071.5

CaO

conversion (%)
2.57 2.60 2.64 2.68 2.72 2.58 2.61 2.65 2.69 2.73

Global process

net power

(MWe)

463.7 464.8 466.7 468.6 470.6 457.7 458.6 460.2 461.9 463.6

Global process

efficiency (%

HHV)

34.7 34.7 34.5 34.4 34.2 35.0 34.9 34.8 34.7 34.5

Energy penalty

(% HHV)
7.1 7.1 7.3 7.4 7.6 6.8 6.9 7.0 7.1 7.3

CO2 intensity

(kg

CO2/MWeh)

420.0 420.0 420.0 420.0 420.0 420.0 420.0 420.0 420.0 420.0

Higher sorbent make-up ratios result in higher sorbent conversion and lower solids circulation

rates, as a large portion of the particles are cycled fewer times. However, fuel and oxygen

consumptions increase in order to heat the make-up stream to the calciner temperature and

provide the necessary heat for calcination of the fresh limestone. Consequently, additional

power is generated from the CaL capture process and the proportion of low-efficiency power

increases in the overall system. This ultimately increases the energy penalty at higher sorbent

make-up ratios.

For the coal cases, the sensitivity analysis is presented in terms of ash content in the circulating

solids (Table 10). To reduce the ash content of the solid stream, a higher purge rate and, hence,

a higher make-up ratio are required. The same effect on sorbent conversion and solid

circulation rate is then observed. In this case, however, due to the range in which the make-up

ratio is modified, a point is reached where the energy penalty is minimized (~15 wt.% ash

content). At lower ash contents, the energy required to heat and calcine the fresh limestone

becomes prohibitive. At higher ash contents, the amount of inert solids circulating in the



capture process significantly increases the fuel and oxygen demands via sensible heating

demands, resulting in higher penalties.

Operating the carbonator at elevated pressures has been shown to increase the sorbent

utilization potential. Considering the challenges with the transfer of solids between reactors

operating at different pressures, a case with the carbonator operating at 202 kPa(a) was

simulated. This is expected to be feasible since this minimal pressure difference should be

easily controlled in the transfer lines. A major benefit realized by operating at elevated

pressures is that the vitiated flue gas leaving the carbonator can be expanded for additional

power generation. Under these conditions, the power produced by the power plant gas turbine

is reduced due to the higher discharge pressure, but is more than made up for by the expander

downstream of the carbonator. The total power produced from the combination of two turbines

is higher than in the base case, as the carbonator acts as a reheat for the flue gas before the final

expansion. The cost of the additional turbine, and its ultimate impact on the cost of electricity,

should be addressed in future economic studies.



Table 10: Sensitivity analysis – Circulating solids ash content – Coal cases with and

without the CPU included to obtain the target CO2 emissions intensity

With CPU Without CPU

Ash =

5 wt.%

Ash =

10 wt.%

Ash =

15 wt.%

Ash =

20 wt.%

Ash =

5 wt.%

Ash =

10 wt.%

Ash =

15 wt.%

Ash =

20 wt.%

Solids flow

rate (kg/s)
1242.3 1726.7 1983.5 2181.9 1049.3 1503.4 1737.2 1912.6

CaO

conversion

(%)

3.05 2.28 2.08 1.98 3.05 2.28 2.08 1.98

F0/FCO2 0.50 0.21 0.14 0.10 0.42 0.19 0.12 0.09

Global net

power (MWe)
446.9 446.3 450.5 455.3 433.4 435.2 439.3 443.6

Global

efficiency (%

HHV)

30.0 31.0 31.1 31.1 31.1 31.9 32.0 31.9

Energy

penalty (%

HHV)

11.84 10.78 10.67 10.75 10.7 9.9 9.8 9.9

CO2 intensity

(kg

CO2/MWeh)

420.0 420.0 420.0 420.0 420.0 420.0 420.0 420.0

For both the natural gas and coal cases, the effect of increasing the carbonator operating

pressure is beneficial on multiple fronts, as shown in Tables 11 and 12. Increasing the power

output from the turbines reduces the amount of CO2 requiring capture to reach the regulation

target. In addition, the fuel demand is significantly reduced, along with oxygen consumption

and power requirements for auxiliaries and CO2 processing. Sorbent conversions under

pressurized conditions are higher, which contributes to the reduction in solids circulation and

lowers the capture level requirement. In the natural gas case, pressurization lowers the

circulating rate; however, this is not the case for coal since the make-up ratio is reduced at

higher pressure to maintain the 15% ash content, causing an increase in the solids flow rate.



Table 11: Sensitivity analysis – Pressure – Natural gas cases with and without the CPU

included in the target CO2 emissions intensity

With CPU Without CPU

P = 101 kPa P = 202 kPa
P = 101

kPa

P = 202

kPa

C
aL
p
ro
ce
ss

Thermal input (MWth) 490.8 368.9 461.3 347.3

CaL Assumed gross

efficiency (% HHV)
35.0% 35.0% 35.0% 35.0%

CaL Gross power

(MWe)
171.8 129.1 161.5 121.6

Auxiliaries (MWe) 11.8 8.9 11.1 8.4

CPU (MWe) 21.2 19.1 20.0 18.0

ASU (MWe) 32.1 24.3 30.2 22.8

Net power (MWe) 106.7 76.9 100.2 72.3

Efficiency (% HHV) 21.7% 20.8 21.7% 20.8

Solids flow rate (kg/s) 1212.1 955.9 1132.4 890.2

CaO conversion 2.6% 3.5% 2.6% 3.6%

G
lo
b
al
p
ro
ce
ss

Global net power

(MWe)
466.7 457.2 460.2 452.8

Global efficiency (%

HHV)
34.5% 37.2% 34.8% 37.5%

Energy penalty (%

HHV)
7.3% 7.0% 7.0 6.7%

CO2 intensity (kg

CO2/MWeh)
420.0 420.0 420.0 420.0

Table 12: Sensitivity analysis – Pressure – Coal cases with and without the CPU included

in the target CO2 emissions intensity

With CPU Without CPU

P = 101 kPa P = 202 kPa
P = 101

kPa

P = 202

kPa



C
aL
p
ro
ce
ss

Thermal input (MWth) 585.9 482.4 513.1 426.7

CaL Assumed gross

efficiency (% HHV)
35.0 35.0 35.0 35.0

CaL Gross power

(MWe)
205.1 168.9 179.6 149.3

Auxiliaries (MWe) 15.8 13.0 13.8 11.5

CPU (MWe) 45.1 39.0 39.5 34.5

ASU (MWe) 53.7 44.3 47.0 39.2

Net power (MWe) 90.5 72.5 79.3 64.2

Efficiency (% HHV) 15.4 15.0 15.4 15.0

Solids flow rate (kg/s) 1983.5 2063.6 1737.2 1825.0

CaO conversion (%) 2.08 2.01 2.08 2.01

F0/FCO2 0.14 0.11 0.12 0.10

G
lo
b
al
p
ro
ce
ss

Global net power

(MWe)
450.5 448.9 439.3 440.9

Global efficiency

(% HHV)
31.1 33.4 32.0 34.2

Energy penalty (%

HHV)
10.7 10.3 9.8 9.5

CO2 intensity (kg

CO2/MWeh)
420.0 420.0 420.0 420.0



CONCLUSIONS

Cadomin limestone performance for CaL-based CO2 capture was investigated in a TGA using

relatively high-temperature carbonation and low-temperature calcination. Considering only the

first fast phase of carbonation, the sorbent was exposed to conditions representing both natural

gas and coal combustion flue gases. In addition, sorbent performance at elevated pressure

carbonation conditions was investigated. The results showed residual sorbent conversions

ranging from 2 to 3%, with simulated coal flue gas achieving lower conversions than those of

natural gas.

A CaL-based CO2 capture process was modeled using process simulation software to assess

the impact of post-combustion CO2 capture, using both natural gas and coal, on the efficiency

of a PFBC power plant. Natural gas performance was superior in all cases due primarily to the

absence of ash and CaSO4, which led to higher solids circulation rates and energy penalties. A

sensitivity analysis on the sorbent make-up ratio was investigated. In the case of natural gas, a

reduction in solids circulation was observed, ultimately increasing the energy penalty via fresh

sorbent heating demands. On the other hand, coal cases showed a minimum energy penalty at

around 15 wt.% ash content. Increasing the operating pressure of the carbonator was beneficial

from both an energy penalty and solids circulation perspective, with the exception of the coal

case where maintaining the same ash content requires a lower sorbent make-up ratio; thus,

causing a higher circulation rate.
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