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Abstract 

Sorption-enhanced steam methane reforming (SE-SMR) is a promising alternative for H2 

production with inherent CO2 capture. This study evaluates the techno-economic performance of SE-

SMR in a network of fixed beds and its integration with a solid oxide fuel cell (SE-SMR-SOFC) for 

power generation. The analysis revealed that both proposed systems are characterised by better 

economic performance than the reference systems. In particular, for SE-SMR the levelised cost of 

hydrogen is 1.6 €kg-1 and the cost of CO2 avoided is 29.9 €tCO2
-1 (2.4 €kg-1 and 50 €tCO2

-1, 

respectively, for SMR with CO2 capture) while for SE-SMR-SOFC the levelised cost of electricity is 

0.078 €kWh-1 and the cost of CO2 avoided is 36.9 €tCO2
-1 (0.080 €kWh-1 and 80 €tCO2

-1, 

respectively, for natural gas-fired power plant with carbon capture). The sensitivity analysis showed 

that the specific cost of fuel and the capital cost of fuel cell mainly affect the economic performance 

of SE-SMR and SE-SMR-SOFC, respectively. The daily revenue of the SE-SMR-SOFC system is 

higher than that of the natural gas-fired power plant if the difference between the carbon tax and the 

CO2 transport and storage cost is >6 €tCO2
-1. 
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Nomenclature 

  

AC Cost of CO2 avoided, €tCO2
-1 

Acond Condenser heat transfer area, m2 

cbb Specific cost of burner, €kWth
-1 

ccc Specific cost of condenser, €m-2 

cCaO Specific cost of sorbent, €kg-1 

cNi Specific cost of catalyst, €kg-1 

crefr Cost of refractory, €kg-1 

csteel Cost of steel, €kg-1 

C0 Reference cost of high-temperature valve, € 

Caux Capital cost of fuel cell auxiliaries, € 

Cburn Capital cost of burner, € 

Ccond Capital cost of condenser, € 

CF Capacity Factor 

Cinv Capital cost of inverter, € 

Cnet Capital cost of reactor network, € 

Cpb Capital cost of fixed reactor, €Nr-1 

Csol Capital cost of solid material (sorbent and catalyst), €Nr-1 

CSOFC Capital cost of fuel cell system, € 

Cstack Capital cost of fuel cell stack, € 

CT Carbon tax, €tCO2
-1 

CTS CO2 transport and storage cost, €tCO2
-1 

Cv Capital cost of high-temperature valve, €Nr-1 

Cvp Capital cost of vacuum pump, €Nr-1 

d Internal diameter of the reactor, m 

da Diameter of the refractory and the reactor, m 

dcell Diameter of cell, m 

dcond Condenser tube outer diameter, m 

dcond, i Condenser tube inner diameter, m 

DP Daily profit, € 

eCO2 Specific CO2 emission, tCO2kWh-1 

EH2 Power available from H2, kW 
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Ej Ecell or Enet in Eq. (19), kWel 

Enet Net power production of SE-SMR-SOFC system, kWel 

ESOFC SOFC output power, kWel 

f Design stress of carbon steel, Pa 

FCF Fixed Charge Factor 

FOM Fixed Operating and Maintenance Costs, € 

Kj CTS or CT in Eq. (19), € 

L Reactor length, m 

Lcell Cell length, m 

Lcond Condenser tube length, m 

LCOE Levelised cost of energy, €kWhel
-1 

LCOH Levelised cost of hydrogen, €kWh-1 

LHVH2 Lower Heating Value of H2, kJmol-1 

ms Mass of solid, kg 

ncells Number of cells 

ncond Number of condenser tubes 

ṅH2
 Outlet H2 molar flow, mols-1 

Nr Number of reactors 

PSE-SMR Maximum pressure of SE-SMR, Pa 

R Revenue from electricity sales, € 

Q Heat losses through reactor wall, W 

Qburn Power generated by the burner, kWth 

r Project interest rate per annum 

sc Thickness of condenser tube wall, m 

ss Thickness of steel vessel, m 

sr Thickness of refractory, m 

SFC Specific Fuel Cost, €kWh-1 

tCS Period of carbonation stage 

TCR Total Capital Requirement, € 

TSE-SMR Temperature of SE-SMR process, K 

Tsteel Maximum temperature of steel, K 

V̇0 Reference flow rate, m3s-1 

V̇ Maximum volumetric flow rate during SE-SMR, m3s-1 

V Volume, m3 
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VOM Variable Operating and Maintenance Costs, €kWh-1 

  

Greek letters 

 Amortisation, years 

net Net efficiency 

 Thermal conductivity of refractory, Wm-1K-1 

 Mass fraction 

  

Subscripts 

NG Natural Gas 

PS Proposed System 

ref Reference 

refr Refractory 

s1 SE-SMR system 

s2 SE-SMR-SOFC system 

steel Steel 

  

Acronyms 

CLR Chemical Looping Reforming 

NG-PP Natural Gas-fired Power Plant 

SE-SMR Sorption-Enhanced Steam Methane Reforming 

SMR Steam Methane Reforming 

SOFC Solid Oxide Fuel Cell 
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1. Introduction 

Regardless of recent progress on climate change mitigation, major efforts are still needed to 

decrease anthropogenic greenhouse gas emissions into the atmosphere, of which CO2 emissions are 

one of the most significant [1]. The energy sector is expected to play a key role to meet the emission 

reduction targets. In this context, H2 represents a promising route towards decarbonisation of the 

energy sector. It can be used for power generation, in both the residential/commercial and 

transportation sectors, as well as a chemical raw material for several industrial processes [2]. 

However, H2 is a secondary form of energy that has to be produced. Usually, methane is used as 

feedstock for this purpose, because it is abundant and characterised by a high H:C ratio [2]. 

Steam methane reforming (SMR) is the most used technology, although chemical looping 

reforming (CLR) has recently been shown to be a competitive alternative. In SMR, methane and 

water are catalytically reformed in a multi-tubular reactor packed with a Ni-based catalyst [3]. In 

CLR, a Ni-based oxygen carrier is oxidised by air (oxidation stage) and reduced by methane 

(reduction stage) in cycles. By feeding water during the reduction stage, the metal oxide acts also as 

a catalyst for the reforming reactions [4,5]. The main drawback of these processes is the requirement 

of a gas post-processing unit to obtain pure H2. In fact, the effluent gas of SMR and CLR is syngas, 

a mixture of H2 and CO (12%), thus at least one gas shift reactor to convert CO to CO2 and a CO2 

separation unit, usually amine scrubbing or pressure swing adsorption, are needed [6]. These 

components not only account for about 35% of the total capital cost of SMR/CLR [7], but they also 

cause a decrease in the efficiency of the reforming process by 6-10% [8]. 

Sorption-enhanced steam methane reforming (SE-SMR) is a promising alternative for H2 

production that does not require the gas post-processing unit [9]. In this process, the reactor is filled 

with a mixture of reforming catalyst and CO2 solid adsorbent, usually CaO, and the process is carried 

out in two distinct stages, namely carbonation and calcination [10]. During the first stage, by feeding 

a mixture of methane and water, reforming reactions and CO2 adsorption via CaO carbonation take 

place, producing a high-purity H2 stream (yH2 > 90%). During the second stage, the sorbent material 

is regenerated via the calcination reaction, which is the reverse of carbonation, producing a stream of 

concentrated CO2. Over the past years, this process has been extensively studied in a dual fluidised 

bed arrangement, one reactor acting as carbonator and the other as calciner [11,12]. Recently, the 

packed bed reactor has received a great deal of attention because, as opposed to fluidsed bed reactors, 

this arrangement requires no gas/solid separation step, and of its ability to easily operate under 

pressure [13,14]. The SE-SMR process in fixed beds has been studied from both the experimental 

and numerical points of view. Li et al. [15] conducted an experimental campaign in a laboratory-scale 
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apparatus consisting of two parallel fixed beds placed inside an electric furnace, alternately operated 

as carbonator and calciner. The authors claimed that the operating conditions and feed switchover 

time are the critical parameters for achieving a high concentration of produced H2. Antzara et al. [16] 

experimentally demonstrated high-purity H2 generation (95%) in a laboratory-scale fixed bed 

reactor filled with a ZrO2-promoted CaO sorbent and Ni/NiO oxygen carrier. In this configuration, 

exothermic oxidation of the oxygen carrier supplies heat required by endothermic calcination. 

Fernandez et al. [17] developed a mathematical model to investigate the carbonation stage of SE-

SMR in a pressurised autothermal packed bed, obtaining a hydrogen purity of 95% at operating 

pressure of 3.5 MPa. Li and Cai [18] numerically analysed the performance of SE-SMR operated in 

a single packed bed alternating calcination and carbonation steps. 

Review of the literature has demonstrated that further research on SE-SMR in fixed beds is still 

needed, since the current studies have been focused only on small-scale reactors. In order to promote 

the scale-up of this technology, Diglio et al. [19] recently numerically investigated the SE-SMR 

process in a large-scale fixed bed reactor system. Considering isothermal conditions (973 K), the 

equilibrium between the carbonation and calcination stages was shifted by a pressure swing: 3.5 MPa 

and 1013 Pa, respectively. The authors assessed that under these operating conditions 8 reactors in 

parallel are required to continuously produce a high-purity H2 stream (92%). Moreover, they claimed 

that by using a portion of the produced H2, it is possible to make the process self-sufficient from the 

point of view of energy consumption. Since this arrangement showed high performance in terms of 

H2 yield (2.9 molH2molCH4
-1) and reforming efficiency (80%), a rigorous techno-economic analysis 

is the necessary successive step towards the employment of this novel solution. 

The aim of this work is to assess the techno-economic feasibility of the SE-SMR process 

operated in a network of fixed bed reactors. The performance of such arrangement is benchmarked 

against conventional SMR and CLR. Moreover, to take into account the uncertainly due to market 

effects, the influence of the capital cost of the main components of the system on the levelised cost 

of energy and cost of CO2 avoided was investigated. In addition, since the coupling between H2 and 

fuel cell technologies can support climate change goals in the energy sector [20], the economic 

feasibility of integration of the proposed H2 production system with a solid oxide fuel cell (SOFC) 

was quantified. The comparison with a conventional natural gas-fired power plant was also 

performed. A detailed sensitivity analysis was undertaken in order to evaluate the effect of the capital 

costs of the system’s components on the economic performance indicators. Finally, to account for the 

variability in the future economic climate, the effects of the variation in carbon tax and carbon 

transport and storage costs on the daily profit of both the proposed and reference power generation 

systems were evaluated. 
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2. System Description 

The proposed systems are described in detail in Diglio et al. [19]. Figure 1 shows the schematic 

layout of the processes. Two different systems are considered, namely SE-SMR and the integrated 

option with a solid oxide fuel cell (SE-SMR-SOFC). The former is designed for H2 production with 

inherent CO2 capture, and the latter for power generation. 

SE-SMR comprises a network of 8 packed beds operated under the conditions reported by 

Diglio et al. [19]. The packed beds are filled with a mix of Ni-based catalyst and CaO sorbent, and 

continuously produce two gas streams, specifically a mixture of H2O and CO2, and high-purity H2 

(yH2  92%). The first stream is sent to a condenser to obtain pure CO2, while part of the second is 

fed to a burner to cover energy demands of the SE-SMR process. The remaining H2 represents the 

primary product of SE-SMR. 

In the case of integration between SE-SMR and SOFC, part of the H2 produced by the SE-SMR 

process is fed for power generation to the SOFC, consisting of an internally reforming solid fuel cell, 

since some unreacted CH4 (yCH4  8%) is present in the outlet gas stream of the SE-SMR process. 

With the aim of making this process self-sufficient from a thermal point of view, some of the 

produced H2 is fed directly to an external burner, together with unreacted H2 from the fuel cell. The 

partition ratio  ensures that the heat generated by the burner and available from the SOFC meets the 

heat demands of both the SE-SMR and the SOFC internal reforming process. The fuel cell power 

generation, net of electricity demand of the SE-SMR mainly due to vacuum pumps used to carry out 

sorbent regeneration, is the main product of SE-SMR-SOFC. 

 

 

Figure 1 - Layout of the proposed systems. 
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2.1. Thermodynamic performance 

The H2 yield of the SE-SMR system is 2.9 molH2molCH4
-1, which decreases to 

2.5 molH2molCH4
-1 (equivalent H2 yield) when part of the H2 produced is used to supply all heat (the 

power generated by the external burner is 1.08 MWth) and power demands of the process in order to 

make it energy self-sufficient. This means that the power available from produced H2 is 1500 kW 

(EH2). The net efficiency of SE-SMR, i.e., the ratio between the lower heating values of H2 and CH4 

multiplied by equivalent H2 yield, is 80%. 

In the case of integration of the proposed H2 production system with SOFC, the fuel cell power 

production (ESOFC) is 1235 kWel. By using part of this energy to cover electric energy demand of the 

SE-SMR, the net power production of SE-SMR-SOFC (Enet) is 950 kWel. Accounting for the CH4 fed 

to the SE-SMR process, the net efficiency of the SE-SMR-SOFC is 51%. 

Table 1 summarises the thermodynamic performance of both SE-SMR and SE-SMR-SOFC, 

and also reports the operating conditions of the SE-SMR process in terms of maximum volumetric 

flow rate (�̇�), temperature (TSE-SMR), maximum pressure (PSE-SMR), mass of the solid in the fixed bed 

(ms) and mass fraction of sorbent (CaO) and nickel (Ni) in the solid [19]. 
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Table 1 - Operating parameters and output of proposed systems [19]. 

Operating parameters 

Maximum volumetric flow rate during SE-SMR (V̇) 0.85 m3s-1 

Temperature of SE-SMR (TSE-SMR) 973 K 

Maximum pressure of SE-SMR (PSE-SMR) 3.5 MPa 

Mass of solid (ms) 415 kg 

Mass fraction of sorbent (CaO) 0.33 

Mass fraction of catalyst (Ni) 0.67 

Output 

Power available from H2 (EH2) 1500 kW 

SOFC output power (ESOFC) 1235 kWel 

Net power production of SE-SMR-SOFC (Enet) 950 kWel 

Net efficiency (net) 
SE-SMR: 0.80 

SE-SMR-SOFC: 0.51 

Power generated by the burner (Qburn) 
SE-SMR: 1.08 MWth 

SE-SMR-SOFC: 0.88 MWth 

 

3. Economic Analysis 

In the following analysis, the economic performance of the two proposed systems (SE-SMR 

(s1) and SE-SMR-SOFC (s2)) has been compared with reference systems without CO2 capture. In 

particular, the reference system for the former is steam methane reforming (SMR), and an existing 

natural gas-fired power plant (NG-PP) for the latter. The economic indices used in this analysis are 

the levelised cost of hydrogen (LCOH) for SE-SMR, the levelised cost of energy (LCOE) for the SE-

SMR-SOFC and the cost of CO2 avoided (AC) for both [21]: 

 

𝐿𝐶𝑂𝐻 =
𝑇𝐶𝑅𝑠1 ∙𝐹𝐶𝐹+𝐹𝑂𝑀𝑠1

𝐶𝐹∙𝐸𝐻2∙8760
+ 𝑉𝑂𝑀𝑠1

+
𝑆𝐹𝐶𝐶𝐻4

𝜂𝑛𝑒𝑡𝑠1

       (1) 
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𝐿𝐶𝑂𝐸𝑗 =
𝑇𝐶𝑅𝑗∙𝐹𝐶𝐹+𝐹𝑂𝑀𝑗

𝐶𝐹∙𝐸𝑛𝑒𝑡∙8760
+ 𝑉𝑂𝑀𝑗 +

𝑆𝐹𝐶𝑗

𝜂𝑛𝑒𝑡,𝑗
     𝑗 = 𝑠2, 𝑟𝑒𝑓     (2) 

 

𝐴𝐶𝑖 =
𝐼𝑁𝑃𝑆−𝐼𝑁𝑟𝑒𝑓

𝑒𝐶𝑂2,𝑟𝑒𝑓,𝑖−𝑒𝐶𝑂2,𝑃𝑆
     𝑖 = 𝑠1, 𝑠2        (3) 

 

where CH4 and natural gas are the fuel for SE-SMR-SOFC and natural gas-fired power plant, 

respectively; IN is LCOH in the case of SE-SMR, LCOE in the case of SE-SMR-SOFC. EH2 

represents the average power available from net H2 production of SE-SMR, while Enet is the power 

generation of SOFC, net of electricity demand of SE-SMR. The fixed operating and maintenance 

costs (FOM) were assumed to be 1% of total capital requirement (TCR) for both reference and 

proposed systems, respectively [21]. Moreover, the variable operating and maintenance costs (VOM) 

were considered equal to 2% and 4% of TCR for proposed [21] and reference systems, respectively. 

The fixed charge factor (FCF) was evaluated as [22]: 

 

𝐹𝐶𝐹 =
𝑟

1−(𝑟+1)𝛼           (4) 

 

It was considered that the project interest rate (r) and amortisation years () are 8.78% and 25, 

respectively [21], for both proposed systems, as well as for the reference ones. 

The total capital requirement for the systems under investigation has been calculated as: 

 

𝑇𝐶𝑅𝑠1
= 𝐶𝑛𝑒𝑡 + 𝐶𝑏𝑢𝑟𝑛,𝑠1

+ 𝐶𝑐𝑜𝑛𝑑        (5) 

  

𝑇𝐶𝑅𝑠2
= 𝐶𝑛𝑒𝑡 + 𝐶𝑆𝑂𝐹𝐶 + 𝐶𝑏𝑢𝑟𝑛,𝑠2

+ 𝐶𝑐𝑜𝑛𝑑       (6) 

 

All parameters used for the economic analysis have been reported in Table 2. Since both SE-

SMR and SE-SMR-SOFC are near-zero CO2 emission processes [19], eCO2,PS is assumed to be 0 in 

both cases. 
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Table 2 - Parameters used to evaluate economic performance. 

Parameter Value Reference 

C0 150 000 € [23] 

Specific cost of steel (csteel) 0.50 €kg-1 [23] 

Specific cost of refractory (crefr) 0.45 €kg-1 [23] 

Specific cost of sorbent (cCaO) 0.02 €kg-1 [24] 

Specific cost of catalyst (cNi) 50 €kg-1 [23] 

Specific cost of vacuum pump (Cvp) 4 000 € [25] 

Specific cost of burner (cbb) 360 €kWth [26] 

Specific cost of condenser (ccc) 241 €m-2 [27] 

CO2 transport and storage cost (CTS) 7 €tCO2
-1 [21] 

Carbon tax (CT) 18 €tCO2
-1 [21] 

Capacity factor (CF) 
SE-SMR: 0.80 

SE-SMR-SOFC: 0.97 

[21] 

[28] 

Specific cost of power plant (cref)  700 €kWh-1 [29] 

Total capital requirement power plant (TCRref) crefEnet - 

Net efficiency power plant (net,ref) 0.55 [29] 

Specific cost CH4 (SFCCH4) 0.019 €kWh-1 [29] 

Specific cost natural gas (SFCNG) 0.013 €kWh-1 [29] 

CO2 emission power plant (eCO2,ref,s1) 0.62 tCO2MWh-1 [21] 

CO2 emission SMR (eCO2,ref,s2) 0.97 tCO2MWh-1 [29] 

 

3.1. Reactor network cost analysis 

The cost of the reactor network was expressed as [30]: 

 

𝐶𝑛𝑒𝑡 = 𝑁𝑟 ∙ (𝐶𝑣 + 𝐶𝑝𝑏 + 𝐶𝑠𝑜𝑙 + 𝐶𝑣𝑝)        (7) 

 

The reference cost of the high-temperature valve (C0) includes also the high-temperature piping 

[30]. In the case of flow rates varying from that of the reference (�̇�0 = 2 m3s-1), the cost has been 

scaled according to the following equation [30]: 

 

𝐶𝑣 = 𝐶0 (
�̇�

�̇�0
)

0.6

           (8) 
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To assess the reactor cost (Cpb) it is necessary to account for the cost of both refractory and 

steel. In fact, the reactor is made up of an internal refractory, a steel vessel and an external refractory. 

The refractory is needed to protect the steel vessel at the highest temperature reached during the 

process. The thickness of the steel vessel (ss) was calculated based on the energy balance on the 

insulation material around the reactor wall and Fourier’s law [30], as presented in Eqs (9) and (10), 

while the thickness of refractory (sr) was assessed considering a ss/sr ratio of 0.1 [30]. 

 

𝑄 =
2𝜋𝜆𝐿

𝑙𝑛(𝑑𝑎 𝑑⁄ )
(𝑇𝑆𝐸−𝑆𝑀𝑅 − 𝑇𝑠𝑡𝑒𝑒𝑙)        (9) 

 

𝑠𝑠 =
𝑃𝑆𝐸−𝑆𝑀𝑅𝑑𝑎

4𝑓−1.2𝑃𝐶𝑆
           (10) 

 

where the maximum temperature of the steel (Tsteel) is fixed at 573 K [30]. The thermal conductivity 

of refractory () is 0.2 Wm-1K-1 [30] and f is 85 Pa [30]. 

The cost of the reactor was evaluated as: 

 

𝐶𝑝𝑏 = 𝑉𝑠𝑡𝑒𝑒𝑙 ∙ 𝜌𝑠𝑡𝑒𝑒𝑙 ∙ 𝑐𝑠𝑡𝑒𝑒𝑙 + 𝑉𝑟𝑒𝑓𝑟 ∙ 𝜌𝑟𝑒𝑓𝑟 ∙ 𝑐𝑟𝑒𝑓𝑟      (11) 

 

where the density of steel (steel) is 7850 kgm-3 [31], while that of refractory (refr) is 480 kgm-3 [30]. 

The cost of solid material was evaluated as: 

 

𝐶𝑠𝑜𝑙 = 𝑐𝐶𝑎𝑂 ∙ 𝑚𝑠 ∙ 𝜔𝐶𝑎𝑂 + 𝑐𝑁𝑖 ∙ 𝑚𝑠 ∙ 𝜔𝑁𝑖       (12) 

 

3.2. SOFC cost analysis 

Following the approach adopted by Arsalis [27], the cost of the SOFC was evaluated as: 

 

𝐶𝑆𝑂𝐹𝐶 = 𝐶𝑠𝑡𝑎𝑐𝑘 + 𝐶𝑖𝑛𝑣 + 𝐶𝑎𝑢𝑥         (13) 

 

where Cstack represents the cost of the SOFC stack, Cinv the cost of the inverter and Caux the cost of 

the auxiliaries, such as internal reformer, mixers and by-pass valves. This latter was considered to be 

5% of the stack cost [27]. 
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The cost of the fuel cell stack was estimated according to the active area and the operating 

temperature of the SOFC, while that for the inverter was calculated by taking into account the power 

generated by the fuel cell [27]: 

 

𝐶𝑠𝑡𝑎𝑐𝑘 = (𝑛𝑐𝑒𝑙𝑙𝑠𝜋𝑑𝑐𝑒𝑙𝑙𝐿𝑐𝑒𝑙𝑙)(2.96𝑇𝑆𝐸−𝑆𝑀𝑅 − 1907)       (14)  

 

𝐶𝑖𝑛𝑣 = 105 (
𝐸𝑆𝑂𝐹𝐶

500
)

0.70
          (15) 

 

The parameters used for the SOFC economic analysis are reported in Table 3 and were 

determined based on literature data [27].  

 

Table 3 - Parameters used for SOFC economic analysis. 

Parameter Value Reference 

ncells 65 000 [27] 

dcell 0.0156 m [27] 

Lcell 1.5 m [27] 

 

3.3. Burner and condenser cost analysis 

The cost of burner was assessed according to thermal power produced: 

 

𝐶𝑏𝑢𝑟𝑛 = 𝑄𝑏𝑢𝑟𝑛 ∙ 𝑐𝑏𝑏          (16) 

 

The condenser is a shell-and-tube heat exchanger and its cost was assessed by considering the 

required heat transfer area [27]: 

 

𝐶𝑐𝑜𝑛𝑑 = 𝐴𝑐𝑜𝑛𝑑 ∙ 𝑐𝑐𝑐          (17) 

 

𝐴𝑐𝑜𝑛𝑑 = 𝑛𝑐𝑜𝑛𝑑𝜋𝑑𝑐𝑜𝑛𝑑𝐿𝑐𝑜𝑛𝑑         (18) 

 

The parameters reported in Table 4 for evaluating the cost of the condenser are assumed from 

the literature [27], taking into account the steam pressure and mass flow rate. 
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Table 4 - Parameters used to evaluate the cost of condenser. 

Parameter Value Reference 

ncond 50 [27] 

dcond,i 0.02 m [27] 

sc 0.005 m [27] 

dcond 𝑑𝑐𝑜𝑛𝑑,𝑖 + 2𝑠𝑐 - 

Lcond 6.7 m [27] 

 

4. Results and Discussion 

In the following, the economic performance of SE-SMR and SE-SMR-SOFC were evaluated 

with economic parameters reported in Table 2 (base case). Moreover, a sensitivity analysis was 

carried out, by varying the specific costs of burner, refractory, steel, fuel, catalyst and sorbent and the 

total cost of SOFC by 10%. 

 

4.1. Economic performance of SE-SMR – Base case 

Figure 2 shows the contribution of each component (see Table 5 for the detailed costs) to the 

total cost of the SE-SMR. The reactor network represents the most expensive part of SE-SMR, with 

a specific cost of investment of 620 €kW-1, which is in good agreement with literature data [30]. This 

means that the operating conditions of SE-SMR should be carefully chosen, in order to decrease the 

number of reactors (Nr) required and, consequently, to reduce the total capital cost of the system. In 

particular, the total period of the process is the main parameter that affects Nr: since the period of the 

calcination stage is strictly linked to the complete regeneration of the sorbent; only the period of the 

carbonation stage (tCS) can be tailored for such scope. This period should represent a compromise 

between two opposite effects: on the one hand, small tCS is required to reach high-purity H2 

production; on the other hand, high tCS is needed to decrease Nr. The most expensive component of 

reactor network is the high-temperature valve. This was expected, since, due to the presence of cheap 

sorbent (CaCO3), the impact of the solid material is not as significant as in similar reforming 

applications [23] in which only highly expensive Ni catalyst is used. 
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Figure 2 – Relative cost of SE-SMR components. 

 

Table 5 - Detailed costs of SE-SMR. 

SE-SMR process 

Parameter Value 

Cost of high-temperature valve (Cv) 89 769 €Nr-1 

Cost of reactor (Cpb) 8 147 €Nr-1 

Cost of solid (Csol) 13 905 €Nr-1 

Cost of vacuum pump (Cvp) 4 000 €Nr-1 

Cost of reactor network (Cnet) 0.93 M€ 

Cost of burner (Cburn,s1) 0.39 M€ 

Cost of condenser (Ccond) 7605 € 

Total capital requirement (TCRs1) 1.32 M€ 

Levelised cost of H2 SMR (LCOHref) 0.03 €kWhel
-1 

Levelised cost of H2 (LCOH) 0.049 €kWh-1 

Cost of CO2 avoided (ACs1) 29.85 €tCO2
-1 

 

The cost of hydrogen for the SMR process without CO2 capture (LCOHref) reported in Table 5 

was evaluated from [29]. The results in Table 5 show that the proposed system is highly competitive 

in comparison with the conventional system used for H2 production. Considering the LHV, the cost 

of produced H2 is 1.6 €kg-1, while for the SMR with CO2 capture system, consisting of 

monoethanolamine solvent to absorb CO2 from the outlet gas mixture, is about 2.4 €kg-1 [32] and for 
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CLR technologies it is between 1.7 - 2 €kg-1 [32]. Also the estimated cost of CO2 avoided (29.85 

€tCO2
-1) is significantly lower when compared to the cases of SMR with CO2 capture (50 €tCO2

-1 [29]) 

and CLR (85 €tCO2
-1 [33]). 

 

4.2. Economic performance of SE-SMR – Sensitivity analysis 

Figure 3a presents the results of the sensitivity analysis for LCOH, while Figure 3b is for AC. 

The price of fuel has the strongest impact on both LCOH (-7.5% to 7%) and AC (-19% to 16%); 

among all investigated parameters, it is the most uncertain and market dependent. The burner is the 

second most expensive component of SE-SMR (see Figure 2) thus, after the fuel, it has the largest 

influence on LCOH (-8% to 8%) and AC (-2% to 2%). The contribution of solid material and reactor 

cost on the total cost is only 7% and 12%, respectively, as shown in Figure 2, thus their effect on 

LCOH and AC is relatively low. Since the sorbent is very cheap, the variation of its cost has a 

negligible influence on the cost of hydrogen and CO2 avoided (in both cases  0.02%). 
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a) 

 

 

b) 

 

Figure 3 – LCOH (a) and AC SE-SMR (b) sensitivity analysis. 
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4.3 – Economic performance of SE-SMR-SOFC system – Base case 

Figure 4 shows the contribution of the main components (see Table 6 for the detailed costs) on 

the total cost of SE-SMR-SOFC. In this case, the SOFC is the most expensive component, with a 

specific cost of investment of about 4 000 €kW-1, which is in accordance with data reported by 

Velumani et al. [34] and Facci et al. [35]. It is noteworthy that the cost of the reactor network 

represents only 14.7% in this case, while it was the most expensive component of SE-SMR. Thus, 

the total capital cost in this case is not as dependent on the operating conditions of SE-SMR, i.e., on 

the number of reactors (Nr). As in the previous case, the contribution of the condenser is negligible 

to the total capital requirement. 

 

 

Figure 4 – Relative cost of SE-SMR-SOFC components. 
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Table 6 - Detailed costs of SE-SMR-SOFC. 

TOTAL PLANT (SE-SMR-SOFC) 

Parameter Value 

Cost of reactor network (Cnet) 0.93 M€ 

Cost of SOFC stack (Cstack) 4.65 M€ 

Cost of SOFC inverter (Cinv) 0.17 M€ 

Cost of SOFC auxiliaries (Caux) 0.23 M€ 

Cost of SOFC (CSOFC) 5.05 M€ 

Cost of burner (Cburn,s2) 0.32 M€ 

Cost of condenser (Ccond) 7 605 € 

Total capital requirement (TCRs2) 6.31 M€ 

Levelised cost of energy power plant (LCOEref) 0.042 €kWhel
-1 

Levelised cost of energy (LCOE) 0.078 €kWhel
-1 

Cost of CO2 avoided (ACs2) 36.83 €tCO2
-1 

 

The levelised cost of energy for the reference system (LCOEref) was evaluated according to the 

parameters shown in Table 2 and is very close to literature data for natural gas-fired power plants 

[29]. The proposed system has better economic performance than a conventional natural gas-fired 

power plant with post-combustion capture system, when typically an organic solvent such as 

monoethanolamine is employed [29], for which LCOE is 0.080 €kWh-1 and AC is ~80 €tCO2
-1 

[29,36]. As reported by Erans et al. [22,37], a natural gas combined cycle power plant integrated with 

calcium looping is characterised by LCOE 0.044 €kWh-1 and AC 30 €tCO2
-1; thus, with respect to 

a system using a similar CO2 capture technology, SE-SMR-SOFC has a comparable cost of CO2 

avoided, but a higher LCOE, due to integration of the SOFC which worsens the economic 

performance of proposed system with its high investment cost. However, the capital cost of SOFC is 

expected to decrease in the coming years. In particular, a decrease of 50% by 2020 was forecast with 

respect to the current cost [38]. In this case the proposed system will have a LCOE very close to that 

of a natural gas combined cycle power plant integrated with calcium looping (0.048 €kWh-1) and a 

better AC (23 €tCO2
-1). 

To evaluate the daily profit (DP), the definition reported by Hanak et al. [21] was used: 

 

𝐷𝑃𝑗 = 𝑅 − [(
𝑆𝐹𝐶𝑠2

𝜂𝑛𝑒𝑡,𝑗
) 𝐸𝑗 + 𝐾𝑗]      𝑗 = 𝑠2, 𝑟𝑒𝑓       (19)  
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where R is the daily revenue from electricity sales, considering the same net power output for both 

proposed and reference systems (see Enet in Table 1). The second term on the right-hand side of Eq. 

(19) is the daily operating costs associated with fuel consumption, by considering ESOFC and Enet for 

SE-SMR-SOFC and for the reference case, respectively. Kj represents the daily operating costs 

associated with CO2 transport and storage, with CO2 emissions for natural gas-fired power plant. The 

net efficiency of the proposed and reference systems is 0.51 (see Table 1) and 0.55 (see Table 2), 

respectively. 

The results are shown in Figure 5, where the spot price of electricity was also reported [21]. 

The proposed system is characterised by a higher daily profit than the reference plant (see dashed line 

which reports the difference DPPS – DPref), with a daily revenue (29 k€, see solid line) of about 3 k€ 

more. In fact, with the parameters used for the base case (see Table 2), the cost of CO2 emission of 

the reference system (carbon tax of 18 €tCO2
-1, see Table 2) is higher than the CO2 storage cost (CO2 

transport and storage cost of 7 €tCO2
-1, see Table 2) of SE-SMR-SOFC. Further increase of the profit 

can be achieved by optimising the operating conditions of SE-SMR process, in order to decrease the 

required number of reactors. In this case, the net power generation is higher since the heat supplied 

by the burner is lower, as well as its electricity demand. 

 

 

Figure 5 - Daily profit of SE-SMR-SOFC (solid line), difference between DP of SE-SMR-SOFC and that of reference system (dashed 

line) and spot price of electricity (red dot). 
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4.4. Economic performance of SE-SMR-SOFC – Sensitivity Analysis 

Figure 6a shows the results of the sensitivity analysis in term of LCOE, while Figure 6b shows 

AC. Since the majority of the investment cost for SE-SMR-SOFC is for the capital cost of the SOFC 

(80.2%, see Figure 4), this latter has the strongest impact on both LCOE (-5.4% to 5.1%) and AC (-

11.9% to 10.6%). Even though the impact is smaller than in the SE-SMR system, due to the large 

influence of SOFC cost on TCR, in this case the economic performance of the system is highly 

affected by the specific cost of fuel (LCOE varies between  3% and AC between  0.5). By varying 

the cost of the burner, solids (catalyst and sorbent) and reactor (steel and refractory), the trends of 

LCOE and AC are the same as those of SE-SMR (for which LCOH is the equivalent of LCOE). 
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a) 

 
 

b) 

 
Figure 6 - SE-SMR-SOFC LCOE (a) and AC SE-SMR-SOFC (b) sensitivity analysis. 
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The daily profit is strongly affected by the price of electricity, which depends on several 

parameters such as weather conditions, intensity of business and everyday activities, and calendar 

day (holiday or work day). Figure 7 reports the daily revenue varying the spot price of electricity 

(SPE) in the range 10% with respect to the base case (Figure 5). In the best-case scenario the daily 

revenue of SE-SMR-SOFC was about 36.5 k€, which decreases to 21.4 k€ in the worst case. The 

daily profit is extremely sensitive to changes in the price of electricity. To better understand it, the 

daily revenue can be expressed with reference to daily electricity generation (specific daily revenue): 

the value of this index is ~1.6 k€MWhel
-1 in the base case and decreases from 2 to 1.2 k€MWhel

-1 

by varying SPE in the range 10%. Thus, passing from the best- to the worst-case scenario, the 

specific daily revenue decreases about 50%. 

 

 
Figure 7 - Sensitivity analysis of daily revenue by varying the spot price of electricity. 

 

The economic performance of a power generation system, both with and without CO2 capture, 

is highly dependent upon the economic climate, as the CO2 transport and storage cost may vary 

between 5 and 33 €tCO2
-1 [39] and the carbon tax is predicted to vary between 10 and 150 €tCO2

-1 

[40]. Figure 8 shows the results of the sensitivity analysis on CTS and CT. In particular, Figure 8A 
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reports the daily revenue of SE-SMR-SOFC (red line) and the difference between the daily revenue 

of the proposed system and that of the reference system (green line) by varying CTS, while Figure 

8B reports the daily revenue of reference system (red line) and the difference between the daily 

revenue of SE-SMR-SOFC and that of the reference system (green line) by varying CT. The daily 

revenue of SE-SMR-SOFC decreases by increasing CTS. Since the daily profit of the reference 

system is constant, also the difference between the daily revenue of the proposed system and the 

reference one decreases with the increase of CTS. By keeping the carbon tax constant at 18 €tCO2
-1 

(base case, see Table 2), when the CO2 transport and storage cost exceeds 12 €tCO2
-1 the reference 

system becomes more profitable than the proposed one (green line drops below zero in Figure 8A). 

On the contrary, the daily revenue of the reference system decreases with the increase of CT. Since 

the daily profit of the proposed system is constant, the difference between the daily revenue of the 

proposed system and the reference one increases with CTS. In this case, by keeping the CTS constant 

at 7 €tCO2
-1 (base case, see Table 2), SE-SMR-SOFC is more profitable than a conventional natural 

gas-fired power plant only when the carbon tax surpasses 12 €tCO2
-1 (green line exceeds zero in 

Figure 8B). Thus, it can be inferred that the proposed solution is preferable to the reference one only 

when the difference between the carbon tax and the CO2 transport and storage cost is higher than 

6 €tCO2
-1. 

 
Figure 8 - Sensitivity analysis of daily revenue of SE-SMR-SOFC (red line) and difference between daily revenue of SE-SMR-SOFC 

and that of reference system (green line) by varying CTS (A); sensitivity analysis of daily revenue of reference system (red line) and 

difference between daily revenue of SE-SMR-SOFC and that of reference system (green line) by varying CT (B). 
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5. Conclusions 

In this study, the techno-economic performance of hydrogen production (SE-SMR) and power 

generation (SE-SMR-SOFC) concepts accomplished with production of a pure CO2 stream were 

assessed. The first system consisted of a network of 8 packed bed reactors in which sorption-enhanced 

steam methane reforming is carried out. The energetically self-sufficient conditions are reached by 

burning, in an external combustor, part of the produced H2 to cover heat demand of SE-SMR. In the 

second system a portion of the H2 produced by SE-SMR is fed to an external burner to meet heat 

demand of the system and the remaining part is sent to a SOFC for power generation. 

The analysis revealed that the total capital costs of SE-SMR and SE-SMR-SOFC are strongly 

affected by the reactor network (70% of the total) and SOFC capital cost (80.2% of the total), 

respectively. Both proposed systems demonstrated better economic performance than the reference 

cases. In the first case the costs of produced H2 and CO2 avoided are 1.6 €kg-1 and 29.85 €tCO2
-1, 

respectively. These are about 33% and 40% lower than that of conventional SMR with CO2 capture, 

respectively. In the second case the levelised cost of electricity and the cost of CO2 avoided are 

0.078 €kWh and 36.83 €tCO2
-1, i.e., about 2.5% and 54% lower than those of a natural gas-fired 

power plant with post-combustion capture system, respectively. The daily revenue of SE-SMR-SOFC 

was 29 k€, about 3 k€ higher than that of a natural gas-fired power plant without CO2 capture. 

The sensitivity analysis showed that the economic performance of SE-SMR is mainly affected 

by the specific cost of fuel, while the capital cost of SOFC is the predominant parameter for SE-SMR-

SOFC. Moreover, the analysis highlighted that the specific daily revenue of SE-SMR-SOFC is about 

1.6 k€MWhel
-1 in the base case. It decreases from 2 to 1.2 k€MWhel

-1 by varying the spot price of 

electricity in the range 10% with respect to the base case. Finally, the sensitivity analysis proved 

that SE-SMR-SOFC is more profitable than the natural gas-fired power plant only when the 

difference between the carbon tax and the CO2 transport and storage cost is higher than 6 €tCO2
-1. 
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